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Executive Summary:

Process heat is envisioned as an alternative application for nuclear reactors, but the supply of heat is always

driven by the process coolant conditions and indirect heat transfer through a secondary or tertiary heat trans-

fer fluid. This makes design and integration complex, and particularly uneconomical. Most of the thermally

driven hydrogen generation processes or fertilizer production processes involve endothermic chemical reac-

tions in a hot catalytic bed. The microreactors are uniquely suited for remote deployment to provide thermal

or electrical energy needs. This project explored the technical and economic feasibility of these microreac-

tors integrated with chemical processes for agricultural applications such as hydrogen to operate combines

and other farm equipment, and ammonia for use as a fertilizer.

Microreactors are small sized nuclear reactors rated at power levels < 20 MWth, which can be readily

customized based upon the end use requirement. Reactor cooling systems are simplified and are designed

to operate at much higher temperatures than most of the existing light water reactors. The reactor coolant

system designs under development includes heat pipe design with Na-K fluid, and high temperature helium

cooled micro-configuration of High Temperature Gas-Cooled Reactors (HTGRs).

Due to their smaller size, microreactors are uniquely positioned to act as a dependable distributed energy

source. Their small size allows them to be deployed at remote locations or locations which have accessibility

limitations for larger nuclear power plants. They are ideally suited for the unique process energy needs for

energy-intensive remote operations such as those involved in mining and agriculture. Heavy machines in-

volved in these industries are currently operated using gasoline or natural gas. The transportation or storage

of conventional fossil fuels can be expensive or challenging for these remote operations. In addition, with

the emphasis on clean environment and reduced carbon emissions, there is demand to replace them with

hydrogen as a high power density fuel, without burning hydrocarbons. Microreactors can provide process

heat to convert locally available raw materials such as water, agro or bio waste, naphtha feed- for gener-

ating hydrogen to operate heavy machines. The major advantage of microreactors in those applications is

that they don’t have continuous refueling needs and provide continuous heat and electricity for generating

fuels like hydrogen or direct process heat in the form of hot process fluid. In agricultural applications, mi-

croreactors can help build a sustainable ecosystem by catering to the energy needs of agriculture machinery

or providing process heat for producing fertilizers, and agriculture or farm waste can be processed using

nuclear heat to generate hydrogen. Hydrogen can in turn power the combines and tractors. The core de-



sign of microreactors, including the primary reactor coolant system, is currently being investigated at DOE

national laboratories and private companies. However, the integration of microreactors for different end-

use applications needed more conceptual research to improve their deployment potential. Although nuclear

power plants have been previously used to provide process heat for water purification, fertilizer production,

and district heating, the process heat integration was retrofitted to the existing nuclear power plant and thus

was not the optimal integration method to dispatch heat. In the case of microreactors, the design objective

is to provide combined heat and power– therefore techno-economically more optimal integration strategy

can be explored. The first task of this report reviews different microreactor designs and their constraints in

delivering process heat.

The typical approach to tap into a nuclear reactor system for extracting process heat is done with the

help of primary-to-secondary or secondary-to-tertiary medium heat transfer via fluid circuits. The use of

multiple fluid and indirect heat exchange circuits to transfer energy from reactor primary coolant to the

chemical process plant leads to higher destruction of exergy and increase in parasitic losses.

Moreover, in order to deliver process heat from microreactors with Na-K heat pipe design or Helium

cooled micro-HTGR design, the final heat transport fluid (HTF) carrying the heat must be compatible with

the chemical process. This is conventionally done by using steam or air as final HTF. In case of Na-K heat

pipe type microreactor designs, the primary reactor coolant Na-K circulates within the large number of small

pipes and exchanges heat with secondary medium indirectly through the tube surfaces. In micro-HTGRs,

primary coolant helium transfers heat to an intermediate molten salt loop (e.g. in USNC design) or operates

the Brayton cycle. With a conventional approach, the heat from these Na-K pipes or molten salt intermediate

loops can be dispatched for chemical processes using air or steam but it is quite challenging because it

can only be done at very high pressures and process endures substantial parasitic losses. In addition, due

to the large volume of such heat transport systems, it can make the system bulky or incompatible with

microreactors.

The process integration can be made techno-economically feasible if the integration is simple and does

not involve additional intermediate heat transfer fluid circuits. During the last decade, use of particulate

flows (flow of small solid particles as an HTF) or granular ceramic media to extract high temperature ther-

mal energy from solar receivers has gained attraction, and Sandia National Laboratory successfully demon-

strated the critical technological components. The direct benefit of heating granular ceramic media or solid

particle flows is that the solid particles offer large thermal capacity and chemical inertness, thus making them



attractive for equipment design on the secondary side. One approach explored here directly heats catalyst

particles, involved in the typical chemical process application, from the primary or secondary coolant and

then uses the hot catalytic bed for chemical reaction. In this design, solid catalyst particles flow under gravity

over the hot tubes containing high temperature coolant and exit the heat exchanger at high desirable temper-

ature and enter into the chemical reactor. This equipment is called the Moving Packed Bed Heat Exchanger

(MPBHX). After the chemical process is complete, the catalysts will be regenerated and re-circulated via

conveyer belts over the MPBHX, and the cycle continues. The economic feasibility of integrating MPBHX,

compared to conventional approaches, is analyzed.

Agriculture consumes a large fraction of energy resources for fertilizer production and operation of

agriculture machinery. It is almost impossible to make agriculture self-sustaining given current agricultural

practices, but with the efficient use of nuclear energy, it can be made more sustainable while reducing carbon

emissions. Mobile reactors offer ample opportunities to produce energy savings and reduce greenhouse

emissions; additionally, there is substantial interest in creating modular hydrogen and ammonia production

in rural communities. Agriculture machines (e.g., tractors, combines) are currently operated using diesel

or gasoline. The use of fossil fuel leads to large amount of CO2 emissions and also makes agriculture

dependent on transportation and storage of these fuel. By producing hydrogen from biomass as described

in Task 4 using microreactors, these machines can be powered locally. There is more biomass available in

the United States than is required for food and animal feed needs. With the anticipated improvements in

agricultural practices, it is projected that up to 1 billion dry tons of biomass can be available for energy use

annually. But growing more biomass requires energy, as mentioned earlier, for machines and fertilizers.

The Haber-Bosch process (400–500◦ C) process utilized to create ammonia consumes 1–2% of the

world’s total energy due to its low efficiency (i.e., 15%) and sustains 40% of the world’s population. In

2017, 180 MT/year of ammonia were produced – 80% used to produce fertilizer – and production is ex-

pected to increase to 270 MT/year by 2050. Nuclear-based ammonia synthesis outperforms natural gas-fed

steam methane reforming in most environmental categories (e.g., global warming potential, ozone depletion

potential, acidification potential, etc.). The final task involved the technical and economical evaluation of

using the microreactors for directly heating catalytic reactor beds in the Haber-Bosch process and compare

this approach with existing methods. Fertilizer production and agricultural machines consume more than

70% of the total farm energy use. The final goal of this task was to perform an overall analysis on microre-

actor capabilities for providing agricultural energy needs by– generating hydrogen fuel from agrowaste to



power machines and supplying process heat for fertilizer production. Overall techno-economic assessment

of clean microreactor driven agricultural ecosystem is conducted and presented.



Table of Contents          Page 
 
Task 1: Microreactors for hydrogen generation review                 1 
 
Task 2: Heat exchanger integration options       10 
 
Task 3: Hydrogen and ammonia generation pathways      22 
 
Task 4: Economics of heat exchanger integration       36 
 
Task 5: Techno-economic feasibility of sustainable agriculture using micro      45 
Reactors 
 
Task 5 (Illinois): Coupling and economic analysis of nuclear microreactor        65 
enabled ammonia production – Demand side analysis 



Task 1: Microreactors for hydrogen generation review

1 Introduction

In an effort to mitigate climate change, low carbon energy solutions are being explored. One source of clean
baseload energy is nuclear power, which is safe and reliable, has no direct emissions, and has median life
cycle emissions (for instance, from plant construction; nuclear fuel mining, milling, and processing)lower
than both solar photovoltaic and wind power sources [1–4]. The significance of nuclear power is also
evidenced by its inclusion in near- and long-term emission reduction goals of nations such as the United
States, China, France, and Japan [5–8]. However, nuclear power plants have seen an increase in construction
costs and construction times in the United States, and building a conventional, large-scale nuclear power
station is perceived as a high risk endeavor [9–12]. Therefore, there is renewed interest in smaller nuclear
power plants that require lower capital costs [13].

One such nuclear power technology is microreactors, which can typically generate up to 20 MWth [14]. They
are being developed for applications such as integration with remote microgrids, supporting key military in-
frastructure and disaster relief efforts, and for process heat [15–19]. Due to their smaller size, microreactors
are uniquely positioned to act as a dependable distributed energy source. Additionally, the reduced footprint
allows them to be deployed at remote locations or locations which have accessibility limitations for larger
nuclear power plants. They are ideally suited for the unique needs of energy intensive remote operations
such as mining and agriculture. Potential for global market demand has also been demonstrated, along
with some significant challenges [20]. As a result, efforts are underway to deploy microreactors as early
as 2027 [17, 21]. Microreactors offer not only distributed electricity sources but also localized sources of
reliable heat and power without any short-term (< 2–3 year) refueling needs. The process heat applications
may be important also from the perspective of maximizing the economic potential of a microreactor, as
they are at a disadvantage due to economies of scale, high leakage and low power density, high operation
and maintenance costs per unit energy output, and challenges associated with manufacturing, especially
advanced fuel fabrication [22].

Figure 1. Integration of a microreactor with hydrogen generation processes.



Heavy machines involved in the process industries are currently operated using gasoline or natural gas. The
transportation or storage of conventional fossil fuels can be expensive or challenging for these remote opera-
tions. In addition, with the emphasis on environment-friendly practices and reduced carbon emissions, there
is demand to replace them with hydrogen as a high power density fuel, without burning hydrocarbons. Mi-
croreactors can provide process heat to convert locally available raw materials such as water, agro/bio waste,
or naphtha feed to the compounds necessary for hydrogen production. If the existing hydrogen generation
methods can be integrated with the microreactor design concepts, there is a potential for the widespread
deployment of the microreactor technology (see Figure 1). But dispatching energy from microreactors for
hydrogen generation involves process integration, which requires review of three main components: hydro-
gen generation processes, microreactor design concepts, and intermediate heat exchangers which deliver the
reactor heat to the hydrogen generation process. Hydrogen cogeneration has long been considered as an op-
tion to utilize waste heat from nuclear power plants [23–25]. Hydrogen has been identified as a potentially
impactful energy storage and conversion medium that could substantially reduce greenhouse gas emissions
across multiple energy sectors, especially if generated from low carbon sources such as nuclear power or re-
newables [26–32]. Hence, it is imperative that hydrogen cogeneration and process heat utilization strategies
should be assessed for compatibility with emerging microreactor designs. This review analyses microre-
actor designs and components such as intermediate heat exchangers from the perspective of process heat
applications such as hydrogen cogeneration and industrial heat systems.

2 Microreactor designs review

An overview of currently available commercial microreactor designs is presented, based on data supplied
largely from the reactor designers. Some data have been received through private communication with
reactor manufacturers. In case specific operating pressures are not available in literature, the operating
pressure of reactors with high boiling point-coolants has been assumed ≈ 1 atm. The salient features of each
design are summarized in Table I. The relevant data may change as the reactors are presently undergoing
rapid development.

The Westinghouse eVinci Reactor is a 0.2-5 MWe/2-20 MWth heat pipe reactor that is inspired by NASA’s
Kilopower and Megapower reactors [33–35]. The reactor has a solid core with fuel channels. Each fuel
channel is located in the vicinity of at least two liquid sodium heat pipes for efficient heat transfer and safety
through redundancy. A decay heat exchanger is present to remove decay heat through the heat pipes. The
heat pipes obviate the need for a mechanical pump, valves, or other components of a typical LWR primary
loop. The power conversion system is based on the Brayton cycle. Current candidate fuels include uranium
in oxide, silicide, and metallic form moderated by metal hydride. Specifically, high-assay low-enriched
uranium (HALEU) tri-structural isotropic (TRISO) fuel has been mentioned as the fuel of choice [13,20,36].
The predicted enrichment is 5-19.75% [35]. The refueling interval is over 3 years, with Westinghouse
claiming the period between refueling to be as long as 10 years, after which the entire unit is replaced
[33, 35, 36]. The reactor operates at less than 1 atm of pressure. The primary heat exchanger comprises of
annular tubes around the ex-core condenser. Safety measures for major accidents are built into the design,
and the solid core has strong negative temperature feedback. Westinghouse aims to be ready for commercial
deployment by 2025.

X-energy’s Xe-Mobile is a pebble bed HTGR capable of producing 7.4 MWe/20 MWth [21, 37]. The core
is cooled by helium, and the power conversion system is based on the Rankine cycle [35]. The reactor is
fueled by HALEU UCO in TRISO particle form with 19.7% enrichment. The lifetime of the core, which
operates at full power for 3 years without refueling, is predicted to be approximately 40 years [35, 37]. It is



designed as a power source for military bases, disaster relief efforts, and remote communities.

BWX Technologies Inc. (BWXT) is developing a TRISO-fueled HTGR called BWXT Advanced Nuclear
Reactor (BANR) [21]. The reactor is rated at 17 MWe/50 MWth, is cooled by helium, and is moderated by
graphite [36]. The proposed refueling interval is 5 years. Like many other microreactors, it is also designed
to be easily transportable by rail, truck, or military aircraft. The UCO TRISO fuel is in a graphite matrix,
and has an enrichment of 19.75% [38]. The reactor operates in either a power generation or cogeneration
configuration, both based on a Rankine cycle system. The reactor has passive heat removal and a negative
reactivity temperature coefficient. Reactivity control is achieved through mechanical means. BWXT is
exploring the use of nitride fuel and the use of direct Brayton or combined cycle to improve core life and
efficiency.

General Atomics’ (GA) microreactor design, the GA Micro, is a 4-10 MWe HTGR [17]. The refueling
period is projected to be greater than 10 years. The reactor can fit in a standard CONEX shipping container.
The reactor concept promises the ability to utilize advanced fuel and materials to improve performance and
safety as well as the ability to rapidly respond to large fluctuations in demand, as seen at military bases.

NuScale offers two reactor designs in the microreactor power range [17]. One is a heat pipe reactor in the
sub-20 MWe range [36]. This reactor design is a liquid metal heat pipe option that utilizes metallic fuel and
uses liquid metal as a moderator. The operating pressure is expected to be close to atmospheric pressure.
The refueling interval is 10 years. The design proposes the utilization of minimal site infrastructure, rapid
construction and deployment, and fully-automated operation. The second design is the NuScale Power
Module (NPM),which is an LWR in the 10-50 MWe/40-160MWth range [35]. The operating pressure is 12.7
MPa [39]. The design is an entirely self-contained module that encloses both the primary and secondary
loop in a containment vessel, and can be transported to a site where multiple modules can be interconnected.
The modules are situated underwater which serves as a heat sink. The core utilizes natural circulation,
minimizing the chances of safety incidents associated with the malfunction of pumps and valves. The fuel
assembly is a shorter variant of the 17×17 pressurized water reactor (PWR) assembly. It can be fueled by
less than 5% UO2 ceramic, 15-20% U-Zr Lightbridge, or HALEU fuel. The refueling interval is 10 years,
and the overall lifetime of the power module is 60 years. The reactor offers passive safety with no need for
operator action and it requires no offsite power.

The Ultra Safe Nuclear Corporation (USNC) micro modular reactor (MMR) is a 5 MWe/15 MWth HTGR
design that is cooled by helium and moderated by graphite [40]. It is designed to use two reactors with
an intermediate molten salt loop, which is coupled to a Brayton power cycle system [35]. The operating
pressure is 3 MPa in the primary helium loop, and 0.5 MPa in the secondary molten salt loop [40]. It is
fueled by a proprietary fuel element, named the Fully Ceramic Micro Encapsulated fuel, that is a type of
pellet that encapsulates approximately 7644 TRISO particles. The fuel enrichment level is 19.75%. The
reactor is operated for a lifetime 20 years without refueling. The plant has been designed for providing
power to remote areas, serving as a backup power generator, desalination, process heating, and supporting
military and critical infrastructure. Each plant is equipped with a secondary facility that uses molten salt
thermal storage to extract process heat. The core inlet and outlet coolant temperatures are 300 °C and 630◦C,
whereas the molten salt secondary loop’s inlet and outlet temperatures are 275 °C and 565 ◦C. The power
density is a relatively low 1.24 W/cm3, the TRISO particles are extremely safe, and the specific heat capacity
of the core is high, leading to thermal stability within the core. The reactor core is meltdown proof and has
a variety of passive and active safety features. Much of the reactor is situated underground, and the reactor
operation is fully autonomous [35]. USNC is planning to begin construction between 2023-2027.



The HolosGen Holos Quad microreactor is a 10-13 MWe reactor, with modules just as portable as the
aforementioned microreactor designs [41]. It is comprised of sub-critical power modules that make the
reactor critical when placed in proximity to each other within the core containment. It is fueled by 8-19%
enriched TRISO particles encased in fuel cartridges, with the most likely enrichment being 10-15% [35].
The reactor can operate without refueling for 12-20 years. The overall lifespan of a single reactor unit is
predicted to be 60 years. The reactor can utilize the Brayton power cycle, or a bottoming Rankine power
cycle using organic working fluids to recover waste heat for efficiency enhancements and process heat
applications. These systems also assist with decay heat removal in case of a shutdown. The Brayton cycle-
based design is heavily influenced by a turbojet engine [35]. The efficiency of the overall system is 45-60%.
The primary working fluid is either helium or CO2. The former requires inlet and outlet pressures of 70 and
35 bar, whereas the latter requires 200 and 70 bar respectively [41]. The targeted core outlet temperature
is 850 ◦C, and the projected temperature available for process heat is approximately 620 ◦C. During decay
heat removal, the reactor relies on being passively cooled by air. The reactor design has multiple passive
safety features which enable it to withstand a variety of design basis accidents.

Oklo’s Aurora microreactor is a 1.5 MWe/4 MWth sodium heat pipe reactor [35]. It can be fueled by metallic
uranium-zirconium fuel with less than 20% enrichment or with HALEU fuel [17,35]. The refueling interval
is 10 years. Heat from the core is transferred to a Brayton cycle power conversion system using sodium
heat pipes. The reactor power is controlled by external reflectors and control rods. Due to its small size,
the design can dissipate decay heat through conduction into structural materials and to its surroundings.
The balance of plant system is based on a super-critical CO2 power conversion system [42]. The reactor
is encased in multiple layers, including a robust cask, and is housed underground for safety. The reactor is
intended to serve remote communities in addition to military and industrial sites [17].

LeadCold’s SEALER is a 3 MWe lead-cooled fast reactor design that has been designed in collaboration
with the Swedish Royal Institute of Technology [43]. It is fueled by 19.75 wt% UO2, and is operated for
27 full power years in a sealed fashion to circumvent proliferation issues. The power conversion system is
based on the Rankine cycle. The operating pressure of the primary loop is expected to be near atmospheric
pressure, while the steam generator’s internal pressure is at least 13 MPa. The steam generator has an outlet
temperature of 417 ◦C. The designers intend to compete with diesel generators in remote areas, especially
in the Arctic mining communities. Many passive safety features are built in, and some transient analyses are
presented to demonstrate this.

Urenco’s U-Battery is a helium-cooled HTGR rated at 4 MWe/10 MWth [44]. It is fueled by TRISO particles
and moderated by graphite. The output heat is mentioned as 710 ◦C, which allows for some hydrogen
cogeneration opportunities. The operational lifetime of the plant is mentioned as 30 years to 60 years, with
the core’s lifetime being 5 effective full-power years [13,35]. The design may be scaled up to 20 MWth [35].
The TRISO fuel has less than 20% enrichment. The designers are exploring the use of the thorium fuel cycle
as well. The design is a dual-circuit primary loop with an indirect Brayton power cycle that uses nitrogen as
the working fluid for power generation.

The Nugen Engine is a 1-3 MWe HTGR [36]. It is cooled by helium and fueled by TRISO fuel. Nugen is
also working on a reactor of size 1-50 MWe [45]. The reactor claims to provide all the aforementioned mi-
croreactor applications such as load following, passive safety, and process heat. Additionally, the designers
claim the reactor can be used for nuclear space propulsion and energy for extraterrestrial bases.

.



Radiant is designing a 1.2 MWe/3.5MWth HTGR called Kaleidos Battery [36,46,47]. The coolant of choice
is helium, and the reactor is fueled by TRISO fuel and moderated by graphite. [36] The refueling interval is
4-6 years.

Alpha-Tech Research Corp (ARC) Nuclear Generator is a 12 MWe/30 MWth molten salt reactor (MSR)
concept fueled by low-enriched uranium (LEU) [48, 49]. The coolant is a fluoride salt and the reactor is
moderated by yttrium hydride [36]. The manufacturers claim the reactor can provide process heat at tem-
peratures upwards of 700 ◦C, which is intended for applications such as green hydrogen, water desalination,
manufacturing, magnesium production, coal gasification, and coal pyrolysis [48]. The reactor’s passive
safety features stem from the use of molten salt, which does not boil at elevated temperatures at atmospheric
pressure. The reactor is designed such that loss of power results in the salt freezing within the reactor,
containing the fission products. Multiple units can be combined together, and each core and the necessary
shielding material is transportable via semi-truck. The company has its own proprietary fuel reprocessing
technology as well.

MicroNuclear’s Micro Scale Nuclear Battery is a 5-10 MWe/10-20 MWth molten salt based heat pipe reactor
[35, 49]. It is fueled by UF4 dissolved in a FLiBe carrier salt, with an enrichment of 20% with 5% fuel
loading in salt [36]. The use of molten salt suggests operating temperatures close to atmospheric pressure.
The design proposes using a shipping cask confinement to transport the reactor to remote locations [35].
The reactor relies on natural circulation for circulating the molten salt in the core, and utilizes sodium or
potassium heat pipes to transport heat to a helium Brayton-cycle. The refueling interval is estimated to be
10 years.

The Hydromine TL-X is a lead-cooled fast reactor with an output of 20 MWe/60 MWth [35]. The reactor
operates at atmospheric pressure and has multiple active and passive safety features. The reactor does not
require offsite power or operator intervention for passive shutdown or decay heat management. The reactor
is intended for use in remote locations. The operating lifetime is 30 years, with refueling intervals of 8 years.
The core is a ”monolithic cylindrical bundle” in a triangular lattice, meant to be extracted as a whole for
fuel replacement. This follows the model of transporting a finished unit on-site and using central facilities
for fuel servicing. The candidate fuels under consideration include uranium oxide, nitride, and carbide, with
enrichment less than 20%. In 2021, Hydromine’s microreactor and small modular reactor concepts were
acquired by Newcleo, Ltd. [50].



Table I. Summary of microreactor designs
Reactor Design Power Max. Process Heat

Temp.
Operating
Pressure

Coolant Power Conversion
System

Westinghouse
eVinci

Heat Pipe [33] 0.2-5MWe/2-
20MWth

[33, 49]
600◦C [33] <1atm [34] Na [36] Brayton Cycle [35]

Xenergy Xe-mobile HTGR [36] 7.4 MWe/20 MWth
[36]

N/A N/A He [36] Rankine Cycle [35]

BWXT BANR HTGR [36] 17 MWe/50
MWth

[36]
N/A N/A He [36] Rankine/Brayton

Cycle [38]

GA Micro HTGR [36] 4-10 MWe
[36] N/A N/A Gas [36] N/A

NuScale
Microreactor

Heat pipe [36] ¡20 MWe
[36] N/A N/A Liquid metal [36] N/A

NuScale NPM LWR [35] 10-50
MWe/40-160MWth
[35]

N/A 12.7 MPa [39] Water [35] Rankine
Cycle [35, 39]

USNC MMR HTGR [40] 5 MWe/15 MWth
[40]

565◦C [40] 3MPa(1◦),
0.5MPa(2◦) [40]

He(1◦), molten
salt(2◦) [40]

Rankine Cycle [35]

HolosGen Holos
Quad

HTGR [36] 10-13MWe
[41] 620◦C [41] 70bar(1◦)/35bar(2◦) [41]He, sCO2

[41] Brayton
Cycle [35, 41]/Organic
Rankine Cycle [41]

Oklo Aurora SFR Heat
pipe [36, 42]

1.5 MWe/4 MWth
[36, 42]

N/A N/A Na [36, 42] N/A

LeadCold SEALER Lead-cooled [43] 3-10 MWe
[43] 417◦C [43] N/A Pb [43] Rankine Cycle [43]

Urenco U-Battery HTGR [44] 4MWe/10 MWth
[44]

710◦C [44] N/A He, N [44] Brayton Cycle [35]

Nugen Engine HTGR [36, 45] 1-3 MWe
[36, 45] N/A N/A He [36, 45] N/A

Radiant Kaleidos HTGR [36] 1.2 MWe/3.5 MWth
[46, 49]

N/A N/A He [36] N/A

ARC Nuclear
Generator

MSR [36] 12 MWe/30 MWth
[36]

700◦C [48] N/A Fluoride salt [36] N/A

Micro Nuclear
Micro Scale
Nuclear Battery

MSR heat pipe [36] 5-10 MWe/10-20
MWth

[36, 49]
N/A N/A UF4+FLiBe (1◦),

Na/K heat pipe +
He(2◦) [35]

Brayton Cycle [35]

Hydromine/Newcleo
TL-X

Lead-cooled [35] 20 MWe/60 MWth
[35]

N/A N/A Pb [35] N/A
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Task 2: Heat exchanger integration options

1 Introduction

Dispatching energy from a nuclear reactor to a chemical process plant is a crucial technological component
for efficient coupling of nuclear reactors to end process use such as thermochemical hydrogen generation
[1, 2]. One of the primary constraints for any nuclear reactor system including microreactors is that the
primary loop is considered as a barrier for radioactivity, so it is expected to transfer heat to a chemical
process plant via indirect heat exchange processes [3, 4]. This coupling requires efficient heat transport
between the reactor and end application in an economic and safe manner. This is achieved through the
Intermediate Heat Transport (IHT) loop that delivers the heat from the reactor to the end use.

The end use that requires the process heat sets design constraints on the intermediate heat transport loop by
specifying a given heat load to be delivered at a given temperature. To efficiently deliver this given load of
energy at a given operating temperature, the important considerations of the IHT loop include the choice
of the coolant in the loop, the IHX design, and the operating parameters, like loop flowrates, pressures,
etc. These considerations are aimed towards achieving the highest heat transfer performance with very low
coolant transport requirements. The various hydrogen generation processes discussed in the previous section
require process heat delivered at a high temperature for increased process efficiency and improved hydrogen
production rates.

The following sections discuss the various considerations for dispatching the process heat along with the
challenges of dispatching the heat at high temperatures. A metric to measure the suitability of a coolant,
called figure-of-merit, is presented. Various IHX designs are presented along with the corresponding oper-
ating parametric range. This discussion aims to provide options to the designer with regards to the coolant
selection and heat exchanger design. These sections should also inform the designer of the benefits and the
expected challenges attributed to a particular design for dispatching heat supplied by a microreactor to the
end use.

2 Challenges associated with high temperature heat dispatch

Transporting heat at high temperatures imposes several unique engineering challenges, especially within the
heat exchanger that is subjected to these high temperatures and large temperature gradients. The biggest
challenge to be considered in designing high temperature heat exchangers is that of the structural integrity.
It is important that the structure of the heat exchanger is able to handle the stresses induced in the material
at such elevated temperatures. With temperature drastically increased, the yield strength of most of the
commonly used materials decreases by orders of magnitude, especially above 800 ◦C [5]. This requires the
use of thick tubing and excessive material for various components, adding to the high capital cost of the heat
exchanger. At these high temperatures, the material used needs to have a good resistance to creep-fatigue
due to cyclic temperature fluctuations, which can reduce the operational lifetime of the heat exchanger unit.
The pressure drop needs to be low across the heat exchanger as the cost of additional work to pump the



coolant at such high temperatures may become prohibitive. The heat losses to the environment also become
significant, thereby presenting the need for careful insulation and compact heat exchanger designs that have
minimal surface area exposed to the surroundings [6].

In addition to these considerations, the permeation of hydrogen isotopes through materials is an important
challenge. Hydrogen isotopes, especially tritium, can be produced in the reactor core in multiple ways: as
a fission products, through the reaction of lithium and boron in graphite components, and He-3 fractions of
the helium coolant. Tritium can permeate through the IHX walls into the secondary loop and can end up in
the produced hydrogen [7, 8]. Therefore, the indirect heat transfer loops should not allow tritium migration
from primary side to secondary side.

3 Material selection

There are three main categories of materials for the heat exchanger structure in high temperature application:
iron-based alloys, nickel-based alloy, and ceramics.

Iron based alloys have good mechanical properties up to temperatures of 600 °C but experience high corro-
sion rates at high temperatures. In atmospheres of high fission neutron irradiation, high ferrite steels have
shown good performance up to 750 °C. [9] Therefore there are not many iron-based alloy options for the
heat exchangers considered here.

Nickel based alloys have demonstrated potential at high temperatures, specifically for helium and molten
salts environments with temperatures up to 750 °C [10]. Amongst the nickel-based-alloys, the top candidates
are alloy 617 and alloy 230 [6]. These are relatively new materials and current research is focused on material
characterization of physical properties, like resistance to corrosion due to helium impurities, and mechanical
properties, like hardness, tensile strength, creep fatigue, oxidation rates, etc [11]. Another nickel-based
alloy called Hastelloy XR, which is developed by Mitsubishi for the Japanese HTTR, has very limited open
source databases available. This material has a higher corrosion resistance in helium environments than
alloy 617, but has inferior creep resistance compared to alloy 617 [12]. Hastelloys, the Nickel-Molybednum
based superalloys are considered as preferred material candidate for handling alkali molten salts due to high
corrosion resistance.

While metallic heat exchangers are easier to manufacture and display high strength, the performance of
these instruments is limited to temperatures up to 750 °C. For high temperatures, ceramics have shown
good performance and high corrosion/creep resistance at a low material cost. However, ceramics are rated
for a limited operating pressure due to brittleness [5]. Silicon carbide-based ceramics have shown to be a
suitable material for heat exchangers operating at temperatures near 1000 °C. However, oxidation becomes
an issue at temperatures beyond 1000 °C. The use of Ceramic matrix composites, which utilize two phases
of ceramics have been under development to improve the structural stability at high temperatures. Ceramics
have a good potential to be widely used in high temperature applications, but the challenges associated with
the manufacturability still remains an issue for heat exchanger applications.

3.1 Secondary or tertiary coolant selection

The choice of the secondary or tertiary coolant to be used in the heat recovery from the primary or secondary
loop poses additional considerations on the system design. The choice of coolants typically used with ad-



vanced nuclear reactors is between water, molten salts, liquid metals, and gases. In selecting a coolant,
several considerations need to be addressed that vary from application to application. A good coolant has
the following characteristics: low pumping power, high heat transfer rate, low coolant volume for com-
pactness, and low heat loss. A method to compare coolants and characterize heat transfer fluids have been
proposed by Kim at al. based on several figures-of-merits (FOMs) which account for the mentioned coolant
characteristics [13]. The FOMs facilitate the decision between various coolants based on their metrics,
whose importance varies across various applications. These FOMs are calculated based on the thermo-
physical properties of the fluid under consideration. These FOMs characterize Heat Transfer Performance
(FOMHT ), Pumping Factor (FOMP ), Coolant volume factor (FOMCV ), and Heat loss factor (FOMHL).
FOMHT compares the heat transfer rate at the same pumping power for a given geometry. FOMP compares
the pumping power for a given coolant temperature rise. FOMCV compares the volume of coolant required
for a given heat transfer duty and pumping power. This is particular useful when the volume occupied by
the coolant is restricted. FOMHL compares the heat loss incurred in the coolant for a same heat duty and
pumping power. This metric is useful when the heat transfer loop is required to transfer the heat over very
long distances, one that can be expected in nuclear-hydrogen plant coupling [14].

The FOM is calculated using only the thermophysical properties and has the general form: [13]

FOM =
kaρbCp

cµd

R0
(1)

where k is the thermal conductivity, ρ is the density, Cp is the specific heat capacity, and µ is the dynamic
viscosity of the coolant. The corresponding exponents for each FOM are summarized in Table I below.
These exponents establish the relationship between a certain thermophysical property and the performance
metric. A positive exponent implies that the FOM increases with an increase in the property and a negative
exponent implies the contrary. The value of the exponent relates the sensitivity of the FOM to the property.
High absolute values suggest a high dependence of the property on the FOM and low absolute values suggest
less dependence.

Table I. Exponents used in FOM calculations
a b c d

FOMHT 0.6 0.58 0.4 -0.47
FOMP 0 2 2.8 -0.2
FOMCV 0 0.84 1.16 -0.1
FOMHL -0.6 -0.34 -0.06 -0.44

The FOMs of various coolants are shown in Figure 1. These FOMs include the performance of various
coolants with respect to water at 25 °C and 1 atm. The thermophysical properties of the coolant at 7 MPa
are evaluated for gases and water. For liquid metals and molten salts, properties are evaluated at atmospheric
pressures.

For coolant selection, the higher values of FOMs are preferred. High FOMs lead to high heat transfer
capability, low pumping requirements, low coolant volume, and low heat losses to the environment. This
metric lays out a guideline for selection of coolants. The optimum coolant can change depending on the
specific application.

Liquid metals have very high heat transfer performance while gases have the poorest performance. The
pumping performance of gases is also the lowest, while molten salts have the highest pumping performance



Figure 1. Figures of Merits of various coolants (Air, Helium and H2O at 7 MPa and others at 0.1
MPa).

due to their low density. Liquid metals have the highest heat loss and therefore the lowest FOM with regards
to heat losses, thereby making them less desirable for energy transmission over long distances.

For hydrogen production using nuclear heat, helium and molten salts have been deemed the top candidates
[15]. Helium and molten salts have also been considered for dual purpose nuclear plants with hydrogen and
electricity cogeneration. It has been shown that the use of low pressure helium as a heat transfer fluid is a
viable option, but not for a single-purpose facility dedicated to hydrogen production. Significant benefits
can be obtained if the pressure of helium in intermediate heat transport loop is increased. Increasing the
pressure from 2 MPa to 7 MPa would decrease the size of the loop by 30% and reduce pumping power by
20% for a single purpose hydrogen generation facility. However, the high pressure and high temperature



pose constraints on the material used in the loop, as the traditional materials exhibit reduced yield strengths
at such temperatures. With the use of a molten salt as the coolant, the intermediate loop can be operated
at low pressures. Thus, the metallic volume of the intermediate heat transport loop can be reduced by up
to 70%, as compared to helium, along with a 40% reduction in pumping power. The use of a molten salt
in a single-purpose plant is estimated to increase the overall plant efficiency up to 6% when compared to
helium coolant [16]. However, molten salts have several disadvantages including material incompatibility
challenges, high cost due to the addition of auxiliary system for coolant handling, etc.

4 Process Heat Dispatch Options

For dispatching the process heat at high temperatures, the nuclear energy system designs have considered
few potential IHX candidates for NR-HPP integration (see Table II). These are namely shell and tube heat
exchangers, helical shell and tube heat exchangers, plate heat exchangers, printed circuit heat exchangers
(PCHE), and some advanced designs including foam heat exchangers, capillary heat exchangers, etc [17].
This section discusses the various heat exchanger designs considered in nuclear industry for dispatching
high temperature heat for process application.

4.1 Shell and tube heat exchangers

Shell and tube heat exchangers are the most common type used in energy industry. These are the most
versatile exchangers for a broad range of operating pressures and temperatures. They can handle pressures
ranging from high vacuum to ultra high fluid pressures of 30 MPa on the shell side and 140 MPa on the
tube side. The allowed temperature of operation for shell and tube heat exchangers is limited only by the
material used. These heat exchangers are used for gas, liquid, and phase change-applications. However,
these heat exchangers have very low heat transfer surface area for a given volume and, therefore, are not
economical for high temperature applications. A shell and tube design is useful where space considerations
are not important. This design has high technological maturity with a TRL level of 9, and can be used
for a variety of fluids, temperatures, and pressure conditions. Due to its simplistic design, a variety of
materials can be used with well established manufacturing procedures [18]. Several techniques have been
established to increase the heat transfer efficiency. These methods involve the utilization of baffles, fins,
surface enhancement techniques, etc.

4.2 Helical coil shell and tube heat exchangers

The helical coil shell and tube design is an improved shell and tube heat exchanger that consists of a bundle of
helical tubes enclosed in a shell. The flow of coolant within the tubes undergoes secondary circulation across
the circular cross section. This gives an advantage of the flow transitioning to turbulence at a low Reynolds’s
leading to higher heat transfer rates. A higher heat transfer surface area per unit volume compared to the
straight shell and tube heat exchanger is possible in a helical shell and tube heat exchanger [19]. This
heat exchanger has been developed to deliver 5-30 MW of heat at high temperatures up to 950 °C. Such
a heat exchanger has been deployed in the HTTR in Japan and in the HTR-10 in China for helium-helium
heat exchange at 7 MPa [20]. The design also poses an advantage of being a simplistic design which
can be manufactured using well established manufacturing methods. The configuration also allows for in-
service inspection of the heat transfer tubes, however, cleaning a helical coil heat exchanger to get rid of the
fouling can be a difficult endeavor. Helical shell and tube heat exchangers have reached a high technological



maturity with a TRL level of 6 for high-temperature, high-duty applications as compared to other competing
designs for cogeneration plant integration [21]. However, certain thermal hydraulic and thermo-mechanical
issues exist that need to be taken into consideration when using this design. These issues include the gyration
effects causing higher pressure drop, flow induced vibrations due to high turbulence, creep buckling, and
fatigue of the tubes [22].

4.3 Plate frame heat exchangers

Plate frame heat exchangers contain plates that are stacked together and joined through gaskets, welds,
or diffusion bonding. The fluids flow between the plates in a parallel, cross, or counter current flow ar-
rangement. The plate heat exchanger has a number of advantages over the traditional shell and tube heat
exchangers and are commonly used in gas to gas applications with high pressure differential.. These designs
have a substantially greater surface area to volume ratio than an equivalent shell and tube heat exchanger
operating under the same thermal constraints. This heat exchanger can be designed to have high heat trans-
fer coefficients, allowing for a reduced heat transfer area that is nearly one-third of an equivalent shell and
tube heat exchanger. These heat exchangers are easy to manufacture and have operational benefits such as
reduced fouling, ease of cleaning, and design flexibility. The number of plates utilized can be varied for
specific design. However, this design has limited versatility due to the pressure and temperature limitations
imposed by the gaskets between the plates. They also use less material and are about one-sixth the weight
of an equivalent shell and tube heat exchanger, implying low capital cost and installation cost. A special
hybrid plate Bavex heat exchanger has been reported to be operable at pressures of 6 MPa at a maximum
temperature of 900 °C [18, 23].

Another variation of the plate heat exchanger design is a plate-fin heat exchanger. Plate-fin heat exchangers
consist of plates stacked with triangular or rectangular fins between the plates. The plates separate the fluid
steams and the fins form the individual flow passages. For gas-liquid applications, the fins are generally
placed only on the gas side and in certain applications, fins on the liquid side are added for structural strength,
especially for high pressure application. For nuclear hydrogen application, McDonald [24] proposed a
plate-fin design with additional features to reduce the helium and tritium leakage from the flow channels.
This design has been constructed and tested for high temperature applications up to 950 °C, giving it a
TRL level of 6. This design has been under consideration for advanced reactors, and the path forward to
integrating this design with 1000 MW high temperature reactor in a steel pressure vessel has been explored
by McDonald [24].

4.4 Compact heat exchangers

Compact heat exchangers have been of interest to the nuclear community due to their large heat transfer area
to volume ratio, which results in reduced space, weight, support structure, and material cost. The high ratio
allows for easier integration with advanced high temperature reactors. However, the increased heat transfer
area to volume ratio leads to high frictional losses in the coolant. To compensate for the high frictional
losses, these compact heat exchangers operate in the laminar flow regime, requiring low pressure drops
and minimal operational energy for coolant circulation. Several agencies have been considering compact
heat exchangers for various applications. Currently, these IHX are in the design stage and are at a low
technological readiness level [21].

Amongst the compact heat exchangers, printed circuit heat exchangers (PCHE) are of considerable interest



to the nuclear engineering community. These heat exchangers utilize advanced manufacturing techniques
to create very low volume heat exchangers with high heat transfer surface area. PCHE is a relatively novel
technology, manufactured by Heatrix [25]. These heat exchangers are fabricated by chemically etching the
flow paths on a flat plate. These plates are then formed into the core geometry by stacking them and joining
them through the diffusion bonding process. Diffusion bonding allows an interface-free joint between the
plates giving a high yield strength, thus enabling operation at a high pressure. The flow paths in PCHE can be
zig-zagged, straight, s-shape, or airfoil shape. These flow channels have a semi-circular cross sectional flow
area with the hot and cold fluids flowing in between alternate plates in a counter-current flow arrangement.
These PCHEs can handle high temperatures and pressures of 1000 °C and 50 MPa, respectively, making
them a very attractive option for IHX for advanced reactors. Various studies exist in literature where the
optimum geometry of a PCHE is proposed based on the operating conditions and coolants. These studies
have investigated various geometries in addition to various coolant combinations like He-He, He-Fluoride
salts, etc. Studies have shown that PCHEs are an economically viable option with helium circulated in
the laminar regime. However for liquid sodium, a PCHE operating in the turbulent regime was deemed
economic. Recent studies with regards to SFRs have shown that an economic design consists of a PCHE
with 80° zig-zag channels using carbon dioxide as the working fluid. When nitrogen is used, an airfoil design
is the most economic option considering the capital and operational costs for a given heat load [26, 27].

Based on the material, novel ceramic design types consist of two categories: monolithic and ceramic matrix
composites (CMC). The use of ceramic microchannels with a platinum catalyst in S-I hydrogen production
processes offers potential for superior performance when compared to traditional designs. The extremely
high thermal conductivity of monolithic SiC exhibits good thermal performance, but issues related to the
mechanical stability of the ceramic, particularly under high pressure applications, are still a concern [28–30].
The leakage between the primary and secondary fluid under high pressure differential is also significant
[31]. Monolithic ceramics except SiC cannot resist large thermal gradients and therefore suffer from a
lack of reliability [32]. Although SiC ceramics are chemically inert, they are susceptible to oxidation at
high temperatures. [33] CMCs consist of two different phases, a reinforcement phase embedded in a matrix
phase. This material has improved mechanical properties as compared to monolithic [32], however, several
fabrication challenges still exist. [34] .

Several novel heat exchanger concepts exist. Such concepts include foam heat exchangers, capillary heat
exchangers, moving packed bed heat exchangers, etc. These heat exchangers can prove to be economically
viable options once they reach elevated technological readiness levels.

Foam heat exchangers utilize stacked plates combined with a metallic foam. The stacked, separated plates
create a barrier that contains the foam through which the fluid flows [35]. The temperature and pressure
limitations are defined by the properties of the foam. Typical values of yield strength are 100 psi for uncom-
pressed metallic foams and are beyond 1000 psi for compressed foams. Experiments have been performed
with nickel foam heat exchangers at temperatures near 750 °C [36]. Very limited studies exist on high tem-
perature application using this design. Future work includes characterizing the temperature and pressure
limits of this heat exchanger type. This heat exchanger design has a high heat transfer effectiveness, but
several concerns have been identified for practical application. A few of the major concerns include high
pressure loss in the foam, loss of small fragments of foam, and clogging of foam through solid impurities in
the coolant [15].

Another novel concept, called the capillary heat exchanger, has been developed for molten salt - helium
heat transfer purpose. This design uses capillary tube bundles with 2-3 mm diameter tubes for the molten
salt coolant, enclosed in a conventional cylindrical containment. This design can sustain large pressure



differentials between the primary and secondary side of the heat exchanger. The small size of the tubes
adds to the compactness gain, but presents several concerns including vibration risk and complexity in
manufacturing [37].

A moving packed bed heat exchanger that utilizes flowing ceramic particles that are coated with catalyst
material has also been proposed. In this heat exchanger concept, these ceramic particles serve multiple
purposes by acting as a heat transfer fluid, energy storage medium, and as a chemical catalyst, leading to
possible economic feasibility of coupling microreactors to hydrogen generation methods [38].

For selecting the appropriate heat exchanger for a process use, several criteria need to be evaluated. The
thermal performance is the primary criteria in selecting a heat exchanger since effective heat transfer is
the primary objective and is greatly affected by the heat exchanger type. For effective heat transfer for
long-term operation, the effect of fouling needs to be considered in the design along with establishing
cleaning strategies. For continuous operation of the heat exchanger at increased temperatures and pressures,
the maintenance of structural integrity is very important as joints and connections are subjected to the most
static and dynamic loading during heat exchanger usage. Therefore the effect of mechanical stresses, thermal
stresses, and flow induced vibration on the joints need to be carefully assessed to facilitate sustained, reliable
operation.



Table II. Summary of various heat exchanger designs

Heat Exchanger Design
Type

Compactness
(m2/m3)

Maximum
Temp. (°C)

Maximum
Pressure (bar)

Process Fluids Material of Construction TRL

Shell&Tube [18] ∼100 ∼900 ∼300 Gas/Gas, Gas/Liquid,
Liquid/Liquid

S/S, Ti, Ni alloys, Hastelloy 9

Helical Coil Shell&Tube
[20, 22]

∼100 ∼900 ∼200 Liquid/Liquid, Gas/Gas Hastelloy, Alloy 617 6

Plate-Fin [18, 24] ∼500 ∼900 ∼200 Gas/Gas S/S, Ti, Ni alloys 6
Plate-Frame [18] 120 - 660 -200 to 900 ∼50 Gas/Gas, Liquid/Liquid S/S 9
Printed-Circuit (PCHE)
[26, 27, 39]

500 - 5000 ∼950 ∼400 Gas/Gas, Gas/Liquid,
Liquid/Liquid

Ni alloys 4

Foam HX [35, 36] +3000 750 - Gas/Gas, Gas/Liquid,
Liquid/Liquid

Al, Cu, Ni foam 3

Capillary HX [37] +1500 - - Liquid/Liquid - 3
Ceramic HX [34, 40–42] 600 1370 5 Gas/Gas, Gas/Liquid,

Liquid/Liquid
Monolithic, CMCs 4
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Task 3: Hydrogen and ammonia generation pathways

1 Introduction

This section offers an overview of hydrogen and ammonia generation pathways. A variety of hydrogen
generation methods are described, along with a comparison of the respective temperature requirements,
efficiencies, costs, and global warming potential (GWP) based on life cycle analysis, depending on the
technological maturity of the process and availability of data.

2 Hydrogen generation methods

This section presents hydrogen production processes that may be compatible with existing microreactor
designs. The feedstock, chemistry, and technological readiness of the production methods are discussed.
Efficiency values are compiled, with a preference for higher heating values if available [1]. The relative cost
of producing hydrogen and life-cycle emissions in the form of GWP are presented, along with the relevant
context from sources in literature. However, both the cost and GWP values can vary depending on factors
such as the scale of hydrogen production, technological readiness of the hydrogen generation method, the
carbon-intensity of the power and manufacturing materials used, and geographical location. Note that the
costs are presented exactly as they are reported in the cited sources, and have not been harmonized to a single
currency from one year, or adjusted for inflation. The most important features of these hydrogen generation
processes that are relevant to hydrogen production using process heat are summarized in Table I.

2.1 Hydrocarbon conversion

At elevated temperatures and pressures, hydrocarbons can be converted into hydrogen and lighter hydrocar-
bons. The use of fossil fuels for such processes produces 95% of the world’s hydrogen, with natural gas,
heavy oil and naphtha, and coal accounting for 48%, 30%, and 18%, respectively [2, 3]. The most com-
mon example of such a method is steam methane reforming (SMR). Light hydrocarbons such as natural
gas and naphtha are broken down into hydrogen and CO and CO2 using 850 - 900 ◦C steam at 2.5-5 MPa
in the presence of catalysts such as nickel, platinum, and ruthenium [3, 4]. The process begins with steam
reforming [4]

CH4 +H2O
P−−2.5−5MPa−−−−−−−−−→

T=850-900◦C
CO+ 3H2, ∆HSR = 206 kJ/mol (1)

which is followed by the water-gas shift reaction [4]

CO+H2O −−→ CO2 +H2, ∆HWGSR = −41 kJ/mol (2)

In practice, the steam-to-carbon ratio is between 2.5-3 [4]. A nickel catalyst loaded to an alumina base at 10-
15 wt% is typically used. Further purification steps result in a hydrogen purity of over 99%. Syngas, can also



be utilized for the production of substitute natural gas, ammonia, or methanol. The overall efficiency is 70-
85% for large-scale reforming (150-300 MW) and around 51% for small-scale reforming (0.15-15 MW) [5].
The latter is also less technologically mature than the widely commercialized large-scale reforming. A
small-scale test facility has been proposed in Japan for use in conjunction with the high-temperature gas-
cooled reactor (HTGR) [6]. The steam-to-carbon ratio is in the range of 3-4. In the steam reformer, the inlet
temperatures of the process gas and helium gas are at 450 °C and 880 ◦C, and at the outlet 600 °C and 650
◦C, respectively. The mass flow rate of the helium is set to 327.6 kg/h and the natural gas feed is 43.2 kg/h.
The facility is capable of producing 120 Nm3/h of hydrogen. For steam reforming in general, the capital
costs associated with large-scale reforming are between 400-600 USD/kW, whereas small-scale reforming
costs around 3000-5000 USD/kW [5]. The estimated costs of hydrogen using this method are 2.08 USD/kg
H2 without CCS and 2.27 USD/kg H2 with CCS [3]. The GWP, is 12.13 kg CO2-eq/kg H2 [7]. The direct
emissions of approximately 9 kg CO2-eq/kg H2 could be mitigated up to 70% using CCS [8].

Partial oxidation (POX) can be used for generating hydrogen from heavier hydrocarbons such as oil or coal.
It can be implemented at smaller power scales as low as 10 kW [4]. The reaction, with methane as the
feedstock, is given by [9]

CH4 +
1

2
O2 −−→ CO+ 2H2, ∆HPOX = −43.6 kJ/mol (3)

This is often followed by the water-gas shift reaction. As shown, this reaction is exothermic. The oxygen
required is obtained through an air separation plant [4]. With catalysts, the process requires temperatures
of 950-1100◦C, instead of 1200-1450 ◦C [3]. However, these temperatures are still challenging to realize
through microreactors. The conversion efficiency is 60-75%, which is lower than that of large-scale steam
methane reforming. In a simulated reactor for catalytic partial oxidation of methane, an input feed rate of
5583.78 Nm3/h with an oxygen-to-methane ratio of 0.598 produced syngas with hydrogen produced at 5985
Nm3/h and carbon monoxide at 3036 Nm3/h [10]. The GWP is 10.8 kg CO2-eq/kg H2, which reduces to 4.8
kg CO2-eq/kg H2 if using biological methane [11].

Autothermal reforming (ATR) combines elements of steam methane reforming and partial oxidation by us-
ing the exothermic partial oxidation to improve the hydrogen yield of the endothermic steam reforming re-
action, reducing the temperatures required to as low as 575 ◦C [12]. The typical reaction is given by [3,12]:

CmHn +
1

2
mH2O+

1

4
mO2 −−→ mCO+ (1/2m +

1

2
n)H2, ∆HATR ≈ 0 kJ/mol (4)

Hydrogen yield can be improved by the water-gas shift reaction. Ideally, the reaction is thermoneutral,
however in practice, side reactions cause deviation from this behavior. The steam-to-carbon ratio is typ-
ically between 1-3. Bioethanol has been proposed as a feedstock to make this process sustainable [13].
An industrial autothermal reformer for producing syngas utilizes a methane feed rate of 3483 Nm3/h, with
oxygen-to-methane and steam-to-methane ratios of 0.598 and 1.4, respectively [10]. This results in a hy-
drogen and carbon monoxide output of 6976 Nm3/h and 2444 Nm3/h ,respectively. In general, the effi-
ciency of ATR is comparable to partial oxidation and its reactions can be rapidly initiated and ceased. [12].
The purity of the hydrogen obtained is 55% [4]. While typical hydrogen output capacities range between
4000-35,000 Nm3/h, smaller units with an output of approximately 150 Nm3/h are being developed. The
process can also be stopped and restarted more rapidly than steam reforming [12]. However, experience
with commercial-scale hydrogen generation using this technology is limited [12, 13]. The GWP for ATR
employing bioethanol, biological-methane, and fossil-membrane has been reported as 8.8 kg CO2-eq/kg



H2, 4.9 kg CO2-eq/kg H2, and 10.8 kg CO2-eq/kg H2, respectively [11]. With carbon capture, the GWP of
bioethanol-based ATR may reduce to 1.9 kg CO2-eq/kg H2 [14]. The estimated costs of hydrogen using this
method are 1.48 USD/kg H2 including CCS [3].

Coal gasification is performed in the presence of a gasification agent. Commonly, steam is used at temper-
atures exceeding 800 ◦C [4]. This process is also used for synthetic natural gas, ammonia, and methanol
synthesis. For hydrogen generation, the coal is heated initially to expel its volatile content, after which the
following reaction takes place [4]

C+H2O −−→ CO+H2, ∆HCG = 118.5 kJ/mol (5)

Similar to the previous reactions, the carbon monoxide can be used in the water-gas shift reaction to obtain
additional hydrogen. The coal conversion rate is roughly 95% and the efficiency is approximately 70%.
Practical experience with coal gasification for hydrogen cogeneration with nuclear power has been gained
from a small-scale project operated for over 26,000 hours in Germany [15]. The thermal power output has
been reported as 1.2 MW with an operating pressure of 4 MPa. The helium inlet temperature and gasification
temperatures were 950 ◦C and 700-850 ◦C, respectively. The helium flow rate was 1.1 kg/s, the coal input
rate was 233 kg/h, and the steam velocity was 1.13 m/s. The resultant coal conversion rate was 83% with
a raw gas production rate of 816 Nm3/h. The hydrogen content of the gas produced was over 50%. The
GWP is extremely high at 24.2 kg CO2-eq/kg H2 [7]. Plasma gasification or pyrolysis have the potential to
mitigate CO2 emissions, however these processes require temperatures above 1500 ◦C and up to 1000 ◦C,
respectively [16, 17]. The estimated costs of hydrogen using this method are 1.34 USD/kg H2 without CCS
and 1.63 USD/kg H2 with CCS [3].

Biomass gasification has the potential to utilize biomass in regions where it is abundant. Commonly con-
sidered feedstock includes plant waste, wood chips, and sawdust [4]. The high moisture content requires a
significant amount of energy to dehydrate the feedstock [12]. High temperature steam of approximately 750
◦C is required to carry out the gasification reactions. The chemical reactions for woody biomass lie within
the range of the following reactions [4].

CH1.47O0.63 + 0.37H2O −−→ CO+ 1.11H2, ∆H = 112 kJ/molC (6)

CH1.47O0.63 + 1.37H2O −−→ CO2 + 2.11H2, ∆H = 71 kJ/molC (7)

The former is representative of a process where no carbon dioxide is formed, whereas the latter is a process
where all of the carbon monoxide formed is used to recover additional hydrogen. In a dual-gas-flow gasifi-
cation scheme, biomass of dried cedar with a higher heating value of 20.0 MJ/kg, and a lower heating value
of 18.6 MJ/kg can be used in a reactor to produce syngas [4]. With a feed of 100 kg of this biomass at 25
◦C, 14.1 kg O2 at 25 ◦C, 22.5 kg steam at 750 ◦C, and 513.36 MJ of high temperature heat from an HTGR,
217 Nm3 of syngas with a lower heating value of 111.4 MJ is produced. The composition of the syngas
is 11 kg of hydrogen, 74.4 kg of carbon monoxide, and 69.3 kg of carbon dioxide. Typical efficiency of
hydrogen production from biomass is around 35-55%, and life-cycle emissions are estimated to be around
2.67 kg CO2-eq/kg H2 [7, 12]. However, this number may vary depending on the transportation costs of the
feedstock. The estimated costs of hydrogen using this method are 1.77-2.05 USD/kg H2 [3].



Aqueous phase reforming can use hydrogenated hydrocarbons from biomass or carbohydrates to produce
hydrogen at 2.9-5.6 MPa and 220-270 ◦C [18]. With glycerol and platinum-based catalysts, for instance [19]

C3H8O3 + 3H2O −−→ 3CO2 + 7H2, ∆HAR = 123 kJ/mol (8)

Efficiencies as high as 55% have been reported at lab-scale, but catalyst longevity needs to be improved for
reaction sustenance and stability [12].

2.2 Thermochemical water decomposition

Thermochemical processes that utilize water as feed decompose water at elevated temperatures in the pres-
ence of catalysts in order to generate hydrogen with less energy than that required to decompose water
directly. Typically, the efficiency of the processes is calculated as the ratio of formation enthalpy of water
(286 kJ/mol) to the ratio of the heat and electric input to the process [20].

The sulfur iodine (SI) cycle is one of the most commonly studied thermochemical processes. The principles
of this process were proposed as early as 1966 [21]. It was developed by General Atomics specifically for
hydrogen production using HTGRs [22]. In this process, sulfuric acid and hydroiodic acid are used to break
water down at temperatures around 800 ◦C. The main reactions are [4, 23]

SO2(g) + I2(l) + 2H2O(l)
120◦C−−−→ H2SO4(aq) + 2HI(aq), ∆H = −98 kJ (9)

H2SO4(aq)
>800◦C−−−−→ SO2(g) +H2O(g) +

1

2
O2(g), ∆H = 329 kJ (10)

2HI(aq)
>300◦C−−−−→ H2(g) + I2(g), ∆H = 119 kJ (11)

Other estimates of heat requirement provide a range between 391.3-432.9 kJ/mol-H2 [20]. Its efficiency
has been reported in the range of 35-57% [1, 4, 24, 25]. Experience with this process is demonstrated in
the tests conducted by General Atomics and Japan Atomic Energy Agency (JAEA) [4], and more recent
efforts by Sandia National Laboratories, French Alternative Energies and Atomic Energy Commission, and
General Atomics [26, 27]. While the overall reaction is well-understood relative to other thermochemical
processes,this process has still not reached the commercial stage,due to the lack of key experimental data
regarding the formation of sulfur and hyrdogen sulfide, vapor-liquid equilibria of the HI/I2/H20 system,
kinetics and the potential need for a catalyst, and the need for economical materials that withstand the
highly-corrosive reagents at high temperatures [27]. The GWP of nuclear-based SI cycle, taking life cycle
emissions into account, has been reported as 0.5 kg CO2-eq/kg H2 [28]. The cost of hydrogen from this
process, in conjunction with nuclear power, has been estimated as 2.45-2.63 USD/kg H2 [3].

The hybrid sulfur (HyS) cycle was developed by Westinghouse in 1975 [29]. It is an electrochemical process
where the sulfuric acid decomposition reaction and the sulfur dioxide-polarized electrolyis of water are
combined in a polymer electrolyte membrane (PEM) electrolyzer to produce hydrogen [4]. The two-step
process is given by [4, 30]



H2SO4(aq)
>800◦C−−−−→ SO2(g) +H2O(g) +

1

2
O2(g), ∆H = 180 kJ/molH2 (12)

SO2(aq) + 2H2O(l)
80-120◦C−−−−−−−−−−−−−−−−−−−→

∆Helectric = 55− 80 kJ/molH2

H2SO4(aq) +H2(g), ∆H = −98 kJ (13)

According to engineering scale models of a cell designed to produce 1 kmol-H2/s, a high temperature heat
input of 340.3 kJ/mol-H2, low temperature heat of 76.8 kJ/mol-H2, and electricity input of 120.9 kJ/mol-H2

is required [4]. 200 of such cells are necessary to produce 38 kg/h of hydrogen, equivalent to 1.5 MW of
hydrogen. 182 of such modules are needed for a 500 MWth HTGR dedicated for hydrogen production,
providing 950 ◦C outlet temperatures. The maximum temperatures obtained reach 850 ◦C [31]. The process
has been mentioned favorably in multiple assessments as an excellent fit for hydrogen cogeneration with an
HTGR, and is somewhat superior to the SI cycle due to its utilization of fewer steps (two steps compared to
three in the SI cycle), more abundant reagents, and simpler reactions [31, 32]. Unlike the SI cycle, where
heat loss minimization requires that the chemical plant be located in the vicinity of the nuclear plant, the hy-
brid sulfur cycle allows the possibility of conducting the thermal decomposition and electrolysis at separate
locations [23]. The maximum theoretical efficiency has been estimated as 67% [1], whereas a more realistic
range of predicted values is 31-49% [1, 4, 33]. The main drawbacks include a lack of commercial experi-
ence, low efficiency due to the acid electrolyzer,material degradation under extreme physical and chemical
conditions [4, 34], and challenges associated with preventing back reaction in the thermal decomposition
step [35]. The reported GWP is estimated to be 0.5 kg CO2-eq/kg H2, similar to the SI cycle [36]. The cost
of hydrogen from this process using a dedicated nuclear reactor was estimated to be 1.64 USD/kg H2 [1].

The UT-3 or Ca-Br-Fe cycle, developed at University of Tokyo , requires a lower temperature (750 ◦C) than
the SI cycle [31, 37]. This process consists of the following main reactions [38, 39].

CaO(s) +Br2(g)
527◦C−−−→ CaBr2(s) +

1

2
O2(g), ∆H = −74.3 kJ/mol (14)

CaBr2(s) +H2O(g)
727◦C−−−→ CaO(s) + 2HBr(g), ∆H = 211.4 kJ/mol (15)

Fe3O4(s) + 8HBr(g)
227◦C−−−→ 3FeBr2(s) + 4H2O(g) +Br2(g), ∆H = −271.8 kJ/mol (16)

3FeBr2(s) + 4H2O(g)
627◦C−−−→ Fe3O4(s) + 6HBr(s) +H2(g), ∆H = 386.7 kJ/mol (17)

The predicted efficiency of 45% has been found to be closer to 13% [1, 40]. The reaction is complex,
difficult to sustain, and utilizes reagents such as CaBr2, Br2, and Fe3O4. As a result, demonstrations beyond
lab-scale have been challenging to achieve [41]. Other challenges include solid handling and the sintering
of the solid reactants [40].

The hybrid Cu-Cl process was developed by Argonne National Laboratory, University of Ontario Institute
of Technology, and Atomic Energy of Canada Limited [42]. It uses electrolysis in the presence of copper
chloride and gaseous hydrochloric acid to produce hydrogen. The process has three, four, and five step
variants, with small differences in the theoretical efficiencies of each variant [43]. The five step process is
given by [44]



2CuCl2(s) +H2O(g)
400◦C−−−→ Cu2OCl2(s) + 2HCl(g), ∆H = 105.27 kJ/molH2 (18)

Cu2OCl2(s)
500◦C−−−→ 2CuCl(l) +

1

2
O2(g), ∆H = 110.52 kJ/molH2 (19)

4CuCl(s) + H2O(l)
25◦C−−−−−−−−−−−−−−−−−−−→

∆ Helectric = 140.56 kJ/molH2

2CuCl2(aq) + 2Cu(s), ∆H = −98 kJ/molH2 (20)

2CuCl2(aq)
>100◦C−−−−→ 2CuCl2(s), ∆H = 18.35 kJ/molH2 (21)

2Cu(s) + 2HCl(g)
450◦C−−−→ 2CuCl(l) + H2(g), ∆H = −55.49 kJ/molH2 (22)

The inlet energy is 44% electricity and 56% heat [44]. The maximum operating temperature of the Cu-Cl
process is nearly 530 ◦C, which is lower than many other processes. The maximum predicted thermody-
namic efficiency is 49% [1]. Proof of concept experiments have demonstrated efficiencies of 40%, whereas
a cogeneration system design coupled with a super-critical water reactor (SCWR) was estimated to have
an efficiency of 31.6% [45]. Commercial scale experience is lacking, and improvements to the stability
and efficiency of the reaction are necessary [46], especially with regards to corrosion and preventing Cu-
crossover [23]. There are plans for a pilot plant that utilizes a >10 MWth source to generate hydrogen with
a production rate of 36,000 Nm3/day, and a full scale plant that uses approximately 600 MWth heat to gen-
erate hydrogen at 3,000,000 Nm3/day [47]. The GWP has been reported as approximately 2 kg CO2-eq/kg
H2, but another study [48] indicates a range of 0.55-0.63 kg CO2-eq/kg H2, depending on the operational
parameters of the generation facility in question [36]. Further assessment with respect to different nuclear
reactors are necessary to obtain a more precise value for its carbon intensity. The cost of hydrogen from this
process, in conjunction with nuclear power, has been estimated as 2.17 USD/kg H2 [3].

2.3 Electrolysis

Electrolysis is one of the most well-researched methods of producing hydrogen. Around 4% of the global
hydrogen supply comes from electrolysis [2]. The basic process utilizes water or steam in an electrolyzer
cell, where it breaks down due to the electric potential between the electrodes into oxygen and hydrogen,
usually in the presence of a catalyst. Alkaline, polymer electrolyte membrane, and solid oxide electrolyzer
cells are discussed below. In general, the cost of hydrogen from nuclear electrolysis has been estimated as
1.84-7.00 USD/kg H2 [3, 49]. For reference, the cost of hydrogen generation from wind and solar has been
estimated as 2.5-6 USD/kg H2 [50].

A typical electrolysis reaction involves splitting water molecules in liquid state to hydrogen and oxygen
molecules in gaseous form, and requires electric input of 237.2 kJ/mol and heat input of 48.6 kJ/mol to
produce 1 mole of hydrogen gas, as given by [51]

H2O(l)
∆ Helectric = 237.2kJ/mol−−−−−−−−−−−−−−−−→ H2 +

1

2
O2 ∆H = 48.6 kJ/mol (23)

Alkaline and polymer electrolytic membrane electrolyzers generate the heat required for this reaction using
internal resistance, so a total of 285.8 kJ of electricity is required at 25 ◦C to produce 1 mole of hydro-
gen [51]. However, high temperature electrolysis, as carried out in solid oxide electrolyzer, relies on the
following reaction [51]

H2O(g)
∆ Helectric = 179.9kJ/mol−−−−−−−−−−−−−−−−→ H2 +

1

2
O2 ∆H = 69.3 kJ/mol (24)



Alkaline electrolyser cells (AECs) utilize nickel or nickel-coated cathodes in a strong potassium hydrox-
ide solution, serving as an electrolyte, to break water down into hydrogen and oxygen [4]. It is the most
mature electrolyzer technology, with operational lifetimes of 60,000-90,000 hours [5, 52]. The operational
temperature range is between 50-80 ◦C [53]. The cold start-up time has been reported as 15 minutes [54].
The efficiency varies within the range of 60-82% [5, 53]. The main drawback of the method is the lack of
scalability [5]. The costs are reported as 850-1500 USD/kW [5]. The GWP, when using electricity from
wind power, has been reported as 0.60-0.97 kg CO2-eq/kg H2 [54, 55].

Polymer electrolyte membrane electrolyser cell (PEMEC) utilize a polymer-based, highly acidic cation ex-
change membrane [53]. These electrolyzers provide high purity hydrogen and remove the risks associated
with using highly alkaline electrolytes. The devices are more versatile, as they can be used for automobiles,
or the instruments can be scaled up to utility-size systems as large as 1 MW [5]. The size of the largest
operating PEM electrolyzer stack is 20 MW [56]. The device efficiency is similar to alkaline electrolyzers,
in the range of 67-82%, and the operational temperatures are 50-80 ◦C [5, 53]. The cold start-up time is
less than 15 minutes [54]. The main drawbacks are the cost and the operational lifetime of 20,000-60,000
hours [5, 52]. The costs are predicted to be 1500-3800 USD/kW, but the price is expected to reduce in the
future [5, 57]. The GWP of these cells, when used with renewables alone, has been estimated as 2.21-3.3
kg CO2-eq/kg H2 [7, 58]. These figures may evolve as cleaner electricity is used for manufacturing and
electrolysis, more commercial experience is gained, and operational lifetimes improve.

Solid oxide electrolyzer cells (SOECs) are used for high temperature electrolysis (HTE), which electrolyzes
steam at temperatures of 700-1000 ◦C [12]. The efficiency of these cells has been reported as high as
90% [5]. Unfortunately, they are the least developed of the three technologies, with most demonstrations
being at lab scale, with operational lifetimes around 1000 hours [5, 52, 53]. The costs are higher than that
of PEM electrolyzers, as expected from a less-developed technology, but they can be expected to reduce as
more stable prototypes are developed [52, 57]. The GWP of an SOEC in combination with renewables has
been reported to be around 5.1 kg CO2-eq/kg H2, but this value may change as more stable electrolyzers are
built [7].

3 Nuclear hydrogen generation review

Most nuclear-hydrogen cogeneration concepts currently rely on nuclear reactors larger than microreactors.
Peak steam temperatures of most light water reactors (LWRs) are limited to 260-320 ◦C. Hydrogen gener-
ation has been proposed as a load-leveling method to divert excess electricity at times of low demand from
the nuclear plant into electrolysis or hybrid thermochemical plants [4]. The steam temperature may be ele-
vated using counter-current heat exchangers, waste heat from electrolysis units, and electrical heating [59].
Similar systems have been proposed for geothermal power. [60] High temperature electrolysis using a light
water reactor was predicted to have an efficiency of 33% [61]. The AP1000 design has been assessed as
a potential HTE-compatible candidate [62]. A cogeneration system comprising of an SCWR design along
with a Cu-Cl process-based plant has been proposed as well [45].

Sodium-cooled fast reactor (SFR) designs typically cite outlet temperatures of 550 ◦C, making them suitable
for hybrid cycles like Cu-Cl and low temperature electrolysis [4]. A new process, named hybrid hydrogen
process in lower temperature range (HHLT), was recently proposed specifically for a sodium-cooled design
as a lower temperature (500 ◦C) version of the hybrid sulfur cycle [63]. The process was experimentally
demonstrated for 5 hours. Researchers estimated the efficiency to be in the range of 35-55%. Another pro-
cess was proposed to lower the temperature of steam reforming to approximately 500 ◦C using a hydrogen



separation membrane [64]. A more recent process, named Na-O-H by its creators, was proposed with a
theoretical hydrogen production rate of 1.321 kg H2/s, and temperatures that are potentially lower than 400
◦C [65]. Unfortunately, many of these lower temperature hybrid thermochemical process are still in varying
stages of development.

High temperature reactors such as HTGRs are considered the most versatile, since they can facilitate nearly
all forms of hydrogen cogeneration due to the high temperature process heat they can provide. The high-
temperature test reactor in Japan has been able to demonstrate temperatures above 930 ◦C [4]. An HTGR
based system with four 600 MWth reactors used to produce hydrogen through high temperature electroly-
sis was conceptualized at Idaho National Laboratory, with hydrogen costs estimated as 2.22 USD/kg H2.
In Germany, test facilities were constructed to demonstrate steam reforming using HTGR process heat at
Forschungszentrum Jülich [66]. The JAEA has proposed detailed designs for an HTGR plant that can be
used for electricity and hydrogen generation or dedicated solely to producing hydrogen [4]. It uses an inter-
mediate heat exchanger to deliver high-temperature process heat to an SI cycle-based plant. The efficiency
of the device was predicted as 45%. Load-following was also simulated. A hybrid cycle-based cogeneration
plan was proposed by GA and INL, which they expect to be cheaper than HTE [67]. Brown et al [68].
performed a transient analysis using a model of a high-temperature reactor coupled to a hydrogen produc-
tion plant from the perspective of safety, highlighting the need for holistic safety assessments of nuclear
hydrogen generation plants.

4 Ammonia generation method

The ammonia synthesis is based on the Haber-Bosch (HB) process, an exothermic equilibrium reaction
between N2 and H2, as represented by Eq 25.

N2 + 3H2 ⇀↽ 2NH3 (25)

The H2 utilized for this process can be sourced from the any process described in the preceeding section,
while the N2 is acquired through a system utilizing pressure swing adsorption (PSA) technology. Within
the PSA, surrounding air is directed through a bed of adsorbent material, notably carbon molecular sieves,
and then desorbed by altering the pressure. The cavities and pores of the absorber bed facilitate a more
rapid diffusion of oxygen than nitrogen. This characteristic plays a pivotal role in achieving the successful
separation of nitrogen during the absorption phase. The PSA unit is estimated to consume around 0.11
kWh/kg N2 [69].

The ammonia synthesis through the H-B process is conventionally executed within the temperature range of
400 to 500 °C and under a pressure ranging from 150 to 200 bar in the presence of an iron-based catalyst.
These high operating conditions represent a balance between achieving faster reaction rates and adhering to
Le Chatelier’s principle, which states that a system in equilibrium shifts to counteract changes in pressure
or temperature. In this case, while lower temperatures favor ammonia production, higher temperatures are
needed for faster reaction rates. As a result, only 20-30% of the H2 is converted to ammonia in each pass.
To enhance the yield, a recycle loop is implemented, facilitating the reintroduction of unreacted components
and promoting further reactions to maximize ammonia production.



Table I. Nuclear hydrogen generation processes
Process Temperature Efficiency Fully mature
SMR 850-900◦C [4] 51-85% [5] Yes [5]

POX 950◦C [3] 60-75% [3] Yes [23]

ATR 575◦C [12] 60-75% [12] No [12]

Coal Gasification 800◦C [4] 70% [4] Yes [4]

Biomass 750◦C [12] 35-50% [12] Yes [12]

Aqueous Reforming 220-270◦C [70] 35-55% [12, 23] No [12]

SI 800◦C [4, 31] 33-57% [4] No [4]

HyS 850◦C [31] 31 [4]-49 [1]% No [4]

UT-3 750◦C [31] 13-45% [1] No [4]

Cu-Cl 530◦C [42] 31 [45]-49% [1] No [46]

AEC 50-80◦C [53] 60-82% [5] Yes [5]

PEMEC 50-80◦C [53] 67-82% [5] Yes [56]

SOEC 700-1000◦C [5] 85-90% [5] No [5]
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Task 4: Economics of heat exchanger integration

1 Introduction

Nuclear reactors could be utilized to provide heat for applications such as manufacturing, chemical pro-
cesses, district heating, and other industrial uses [1]. Recently, with the increasing need to make the next
generation advanced microreactors economically feasible, various designs have been under consideration in
order to utilize the process heat dispatched by such reactors. The process heat has to be dispatched to the
final application through a heat transport loop that features a heat exchanger as the interface between the
reactor and the end process [2]. The typical approach of dispatching process heat from a nuclear reactor
involves transferring heat between primary and secondary, or secondary and tertiary, mediums using fluid
circuits. For advanced reactor applications, the Intermediate Heat Exchanger (IHX) has to dispatch process
heat at high temperatures. There are several designs for IHX with a variety of flow configurations and heat
transfer mechanisms. The shell-and-tube heat exchanger is the most commonly used design due to its high
technological maturity compared to other designs. In order to achieve the optimal heat exchange, the tubes in
the shell-and-tube heat exchanger can exhibit different configurations in terms of the primary and secondary
fluid flow, including, a parallel configuration, a counterflow configuration, and a cross-flow configuration.
Furthermore, the optimum design and configuration of the heat exchanger for a given application is highly
dependent on the choice of coolant used.

Figure 1. A generic schematic of microreactor heat transfer fluid heating catalytic particles, which
enter into the chemical reactor.



There are several types of coolants that can be considered for heat transportation, the choice of the most
suitable coolant depends on different parameters that are application-specific. Advanced reactors, for exam-
ple, utilize helium or molten salts to transport heat at high temperatures. Recently, moving particles have
been under consideration for heat transportation and energy storage in a variety of end-process applications,
such as for the application of coupling a nuclear plant to a Hydrogen production facility (Figure 1). Moving
particles exhibit the advantage of acting as a heat transfer fluid, an energy storage medium, and a catalyst
carrier, especially for the Steam Methane Reforming (SMR) hydrogen production process. To evaluate the
design requirements of a heat exchanger that utilizes moving particles as a coolant, an assessment needs to
be performed.

A heat transfer system that utilizes moving particles as a Heat Transfer Fluid (HTF), called a Moving Packed
Bed Heat Exchanger (MPBHX), is widely employed in solar energy applications [3]. In this system, the
particles (acting as the HTF) receive the concentrated solar energy at high temperatures, both, directly
through irradiation and indirectly through walls/tubes. These particles are tightly packed and flow along
with the gaseous phase within the system, thereby constituting a two-phase flow of a solid-gas mixture.
The solid particles absorb heat from the concentrated solar irradiation while they transport between a cold
particle storage tank and a hot particle storage tank. The particles move from the cold storage tank to the hot
storage tank through a passive gravity-driven flow. The hot particles can be dispatched and used as process
heat either through a continuous flow loop or through a Thermal Energy Storage (TES). Once the thermal
energy is extracted from the hot particles by the end application (either through gas fluidization or through
use as chemical catalysts) they are recirculated back through the system using mechanical conveyor belts.

2 Thermal design process for a cross-flow heat exchanger

In the cross-flow configuration of the heat exchanger, the primary fluid flows in the tubes whereas the sec-
ondary fluid flows over the tubes in a direction perpendicular to the tubes. The design of the heat exchanger
is constrained by typical end-process requirements, such as a specified heat load and a specified operating
temperature. Under these conditions, where the heat load and the operating temperatures are defined, the
geometry needed for a given combination of coolants can be determined. There are three degrees of free-
dom for the geometric parameters: tube diameter, tube length, and the number of tubes. Here, the tubes are
assumed to be arranged in a staggered configuration with longitudinal and transverse pitches equal to 1.5
times the outer diameter of the tube. The tube thickness is considered as 0.005 m. The heat exchanger is
in a balanced state, ie (ṁCp)1 = (ṁCp)2, where the subscripts 1 and 2 represent primary and secondary
sides, respectively, ṁ is the coolant mass flow rate, and Cp is the specific heat capacity of the coolant.

The flow arrangement is illustrated in Figure 2. The relation for the system parameters of the heat exchanger
is given as follows:

Q = UAsθLMTD (1)

where Q is the heat duty, U is the overall heat transfer coefficient, As is the surface area of heat transfer, and
θLMTD is the log-mean-temperature-difference. In the analysis, the heat load is considered to be 10 MW.
The overall heat transfer coefficient is given in terms of the primary side heat transfer coefficient, h1, and
the secondary side heat transfer coefficient, h2, as follows:

1

U
=

1

h1
+

1

h2
(2)

In this relation, the conduction effects of the tube material are assumed to be negligible. The heat transfer



Figure 2. Tube bundle arrangement in cross flow considered in this analysis.

coefficient for both the primary and secondary sides follows the generic form:

h = CRemPrnk/D (3)

where Re is the Reynolds number, Pr is the Prandtl number, k is the thermal conductivity of the coolant,
and D is the diameter of the tube. The constants C, m, and n are determined from empirical correlations,
such correlations can be found in the literature for a variety of conditions. For this study, the value of the
constant n is considered 0.4 if the fluid is being heated and 0.3 if the fluid is being cooled. The values of the
other constants are summarized in Table ?? for different values of Reynolds number. Here, the Reynolds
number, which is a non-dimensional form of velocity, is calculated from the mass flow rate and the flow
area. The flow area for the primary side is given by:

Af1 =
π

4
D2

iNtNr (4)

where Nt is the number of tubes in a row, Nr is the number of rows, Di is the inner diameter of the tube and
L is the tube length. The Reynolds number for the secondary side over the tube bundle is calculated using
the maximum velocity, which occurs between the tubes, as follows:

ReD,max =
ρVmaxDo

µ
(5)

Vmax =
Sl

Sl −Do
V (6)

where V is the approach velocity of coolant on the secondary side, Do is the outer diameter of the tube and
Sl is the pitch of the tube lattice. The heat transfer coefficient between the tubes is calculated using the
Dittus-Boelter correlation [4] for flow inside a tube.

Table I. Coefficients used in Equation 3 for varying Reynolds numbers.
Re C m

10 - 1000 0.9 0.4
1000 - 2× 105 0.27 0.63

2× 105 - 2× 106 0.022 0.84

The thermal design of the heat exchanger involved several steps as illustrated by the flow diagram in Figure
3. Using the standard heat transfer models described earlier, the size of the heat exchanger is determined



in an iterative manner by outlet fluid temperatures. The thermal design process was performed to calculate
coolant outlet temperatures using the ϵ − NTU method. First, an initial size of the heat exchanger is
assumed. If the calculated outlet temperature is found to be within a specified tolerance (¡0.1°C) of the
design outlet temperature, the given design is deemed to be thermally appropriate. On the other hand, if the
outlet temperature falls outside the tolerance bounds, the geometry is tweaked and the process is repeated.
This process is reiterated until a thermally appropriate design is achieved.

Figure 3. Thermal design process.

Once a geometry matching the thermal constraints is obtained, a pressure drop analysis is applied to the
design to calculate the total work that needs to be imposed for coolant circulation. A higher pumping work
corresponds to higher operational costs. Through cost analysis, a choice is made for an optimum design that
exhibits the right balance between the operational cost and the capital cost. Upon achieving an optimum
geometry that exhibits the lowest total cost possible, the design parameters of the heat exchanger for various
coolant combinations are determined.

3 Economic analysis of heat exchanger

The overall total cost of a heat exchanger, also referred to as lifetime costs, encompasses capital, installation,
operational, and sometimes disposal costs. The capital cost comprises expenses related to design, materials,
manufacturing (including machinery, labor, and overhead), testing, shipping, installation, and depreciation.
The operational costs encompass various expenditures, including fluid pumping power, warranty, insurance,
maintenance, repairs, cleaning, and energy expenses associated with utilities [5]. In the early design phase,
accurately estimating all the above-mentioned costs can be challenging. In the present economic model, the
capital cost (CC) is estimated based on the raw material cost, while the operating cost (CO) is evaluated
considering the expenses associated with pumping power. The total cost (Ctotal) is modeled as follows:

Ctotal = CC + CO (7)



The capital cost depends on the structural material and the size of the heat exchanger. The total mass of the
heat exchanger is given by:

MHX = ρHXVHX (8)

where VHX is the volume of the heat exchanger, calculated from the tube bundle geometry as follows:

VHX =
π

4
(Do −Di)

2 LNtNr (9)

in this equation, Do is the outer diameter of the tube, Di is the inner diameter of the tube, Nt is the number
of tubes in a row and Nr is the number of rows, and L is the length of a single tube. The capital cost
associated with the material cost of the heat exchanger is given by:

CC = CMMHX × CRF (10)

where CM is the cost of the material per unit mass ($200/kg), and CRF stands for Capital Recovery Factor,
which is used to annualize the capital cost. The CRF is given by:

CRF =
i (i+ 1)x

(i+ 1)x − 1
(11)

where i is the fractional interest rate per year (%), and x is the total lifetime of the heat exchanger (20 yrs).

To estimate the operating cost, the required pumping power is calculated. The pumping power, for both the
primary and the secondary sides, can be calculated as follows:

Ẇ =
ṁ∆P

ρ
(12)

where ṁ is the coolant mass flow rate, ∆P is the pressure drop, and ρ is the density of the coolant. Upon
calculating the pumping power for both sides, the operating cost is calculated as follows:

CO = CE(Ẇ1 + Ẇ2) (13)

where CE is the cost of electricity in $/Wh.

4 Heat transfer performance with geometric variation and economic assess-
ment

The results outlined in this section illustrate the variation of parameters, namely overall heat transfer coef-
ficient and costs, concerning two geometric parameters: tube outer diameter and the number of tubes in a
row. The variation of the calculated overall heat transfer coefficient for the heat exchanger when helium is
used on both the primary and the secondary sides is shown in Figure 4.

Increasing the tube diameter leads to a reduction in flow velocity. Consequently, the heat transfer coefficient
is decreased. This reduction in heat transfer coefficient requires a larger surface area in order to meet the
thermal requirements of the system. For a given tube diameter and number of tubes, the increase in surface
area necessary to meet the thermal requirements is accounted for by using longer tubes. The total cost of
the heat exchanger over a period of 20 years was determined as a summation of the capital and operational
costs as shown in Figure 5.



Figure 4. Variation of the overall heat transfer coefficient with various geometric parameters for a
He-He cross-flow heat exchanger with the number of tubes.

Figure 5. Variation of the total cost of the heat exchanger with geometric parameters (He-He).

Increasing the diameter of the tube leads to increasing the total volume of the heat exchanger’s material,
consequently, increasing the capital cost. Nevertheless, as the pipe diameter is increased, the pressure drop
incurred in the tube reduces, leading to a decrease in the work exerted by the pump for coolant circulation,
consequently, decreasing the operational cost. Combining the capital and operational costs, there exists an
optimal geometry (diameter) at which the total cost is lowest. This cost optimization can be performed in
terms of both, tube diameters and number of tubes in a row. The color map shown in Figure 6 illustrates the
variation in the total cost due to variations in the two aforementioned parameters, it also shows the optimal
geometry at which the total cost is lowest, as shown by the red mark.

It is worth mentioning that the optimal geometry changes based on primary-secondary coolant combinations,
hence, the methodology discussed in this section can be applied to determine such optimal geometries for
different combinations of primary-secondary coolants. Nevertheless, the heat transfer model applied in this
section doesn’t apply when moving particles are considered, and the methodology to determine optimal
geometries is different. More details on the systems that utilize moving particles are discussed in the next
sections.



Figure 6. Variation of the total cost over 20 years with geometric parameters. The optimum geometry
with the lowest cost is also plotted.

Modeling moving packed bed heat exchanger When moving particles are considered, modeling of heat
transfer coefficients has been performed through different approaches in the literature. A continuum ap-
proximation, in which the moving particles are considered as a single continuous fluid, has been shown to
be an appropriate approximation for the evaluation of the heat transfer coefficient. Numerical and experi-
mental data can be found in the literature. Nevertheless, there seems to be a lack of mathematical models to
address the heat transfer coefficient of moving particles across a bundle of tubes. Therefore, experimental
data of granular particles moving across a tube bundle were utilized to perform the analysis presented in this
paper [6]. These measurements were performed at low velocities, causing a minimal void zone below an
individual heater rod. This void zone is expected at high particle velocities, analogous to the wake region
downstream of an immersed body in a moving fluid. This effect of the void zone downstream of a rod at
high particle velocities on the heat transfer coefficient has not been considered in this analysis.

5 Comparison of various coolants

Several coolant combinations on the primary and secondary sides were considered to assess the optimal
geometric characteristics of a heat exchanger. Results of the total cost over 20 years for different coolant
combinations are presented in Table II. It has been found that when helium is employed as both the primary
and secondary fluids in a heat exchanger, the overall costs tend to be considerably higher. This is primarily
due to the low volumetric heat density of helium, which necessitates large volumes of helium to achieve
effective heat transfer. Consequently, this large volume of helium must be pumped at high flow rates,
resulting in increased pumping requirements. The combination of large volumes and high flow rates leads to
higher capital and operational costs. However, employing liquid metals on both the primary and secondary
sides presents the most cost-effective combination. The findings also indicate that using particles may be
economically feasible compared to the use of traditional high-temperature coolants like helium.

6 Economic comparison of He-molten salt-air IHX with moving packed bed
heat exchanger

An economic analysis has also been conducted for the combination of helium (primary media), molten salt
(secondary media), and air (tertiary media) for process heat application, with a heat duty of 10 MW (Figure



Table II. Total cost of heat exchanger for different coolant combinations and heat duty of 10 MW.
Cost, $ Primary

He Na
He 6.74E + 05 3.22E + 05
NS 6.14E + 05 3.62E + 04
Na 3.87E + 05 2.78E + 04

Particles 4.91E + 05 7.68E + 04

7). It is found that the total cost is nearly 2.57 times higher than the moving packed bed heat exchanger,
which utilizes helium as the primary media and granular particles as the secondary media. The distribution
of capital and operating costs in the annual cost of these heat exchangers is presented in Figure 8. For
estimating the annualized capital cost, a fractional interest rate of 5% is considered.

Figure 7. Schematic of molten salt loop with traditional two-tank thermal storage to supply process
heat.

Figure 8. Annualized cost distribution: (a) He-particles, and (b) He-molten salt-air.

In addition to the aforementioned financial benefits, moving particles exhibit several other attractive benefits
as well. These particles exhibit the benefit of being inert in nature, thus preventing the corrosion and chem-
ical reactivity that can be found in applications where molten salts and liquid metals are used. Furthermore,
due to their capability of storing energy, these particles can be used as an energy storage media, similar to
the solar technology under development at Sandia National Lab. Additionally, the particles can be used as
catalyst carriers for applications such as SMR for hydrogen production. All in all, the inert nature of the
particles, their high chemical stability at high temperatures, their high energy storage density, and their good
heat transfer characteristics make them a very suitable candidate to be considered as a heat transfer fluid.



7 Conclusions

In this report section, a detailed techno-economic assessment of the shell and tube exchanger for advanced
nuclear applications has been conducted. The analysis takes into consideration both the design aspects
(tube size and number of tubes) and the choice of working fluids, including helium, molten salts, liquid
metals, and granular particles. From an economic point of view, the analysis demonstrated that as the
tube diameter increases, the capital cost also increases, while the operating cost decreases due to reduced
pressure drop. However, the increase in tube diameter leads to a decline in the thermal performance of the
heat exchanger as the heat transfer coefficient decreases. Consequently, longer tubes are required to offset
this effect, resulting in increased capital and operating costs. Considering these factors, an optimal geometry
of the heat exchanger is proposed at which the total cost is minimal. The analysis also demonstrated that
utilizing helium as the working fluid for both primary and secondary sides results in higher costs compared
to employing liquid metal for both primary and secondary side working fluids. Furthermore, the utilization
of granular particles as a heat transfer fluid proves to be an economically viable option.
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Task 5: Techno-economic feasibility of sustainable agriculture using micro
reactors

1 Introduction

Ammonia is gaining recognition as a sustainable energy storage and carrier attributed to its high hydrogen
content. According to available data, global ammonia production in 2019 totaled 235Mt, ranking it the
second most-produced chemical commodity behind sulfuric acid [1]. The major portion of global ammonia
production is utilized for fertilizer production, with the remaining serving diverse industrial applications like
pharmaceuticals, plastics, textiles, fibers, explosives, and other chemicals [2]. Nitrogen-based fertilizer is
pivotal in enhancing agricultural productivity and fostering crop growth that substantially contributes to the
global food supply. Conventionally, ammonia is manufactured at the plants using the Haber-Bosh process at
a production rate of 1000- 1500 tons per day, which uses H2 produced via steam methane reforming (SMR)
or coal gasification [1]. The CO2 emissions (kg) for every kg of H2 produced via SMR and coal gasification
are around 8-12 and 18-20, respectively [3]. In biomass gasification, biomass is converted into hydrogen
and other valuable products in a controlled environment using heat, oxygen, and steam [4]. The alterna-
tive pathway of H2 generation from biomass is considered an environment-friendly and sustainable energy
source. Compared to fossil fuels, it supports decarbonization efforts by relying on renewable feedstocks,
offering carbon neutrality, reducing greenhouse gas emissions, and promoting diverse, sustainable energy
options [5, 6].

Koroneos et al. [7] conducted a life cycle assessment of different H2 production methods. The findings
underscore the potential of using biomass as a feedstock, revealing a noteworthy 63% reduction in CO2 gas
emissions compared to those from natural gas reforming processes. Biomass- to-H2 conversion involves
two main pathways: thermochemical (pyrolysis, gasification) and biological. Biological H2 production
uses microorganisms, including bacteria and algae, to convert organic matter into H2. The primary biolog-
ical pathways for biomass-to- H2 conversion are anaerobic digestion, fermentation, and photofermentation.
Compared to biological processes, thermochemical processes result in a more efficient and substantial H2

yield [8].

Corn and wheat are primary crops cultivated extensively worldwide, resulting in the abundant availability
of agricultural residues such as corn stover and wheat straw. These residues, characterized by their cellulose
and lignocellulosic composition, serve as valuable biomass resources with diverse applications [9]. Numer-
ous studies have provided substantial evidence supporting the use of corn stover, wheat straw, and wood
chips as promising feedstocks for biomass gasification, particularly in the context of H2 production [10–13].
These feedstocks have significant energy potential for hydrogen generation due to their high cellulose and
lignocellulosic content, which can be efficiently converted into hydrogen rich syngas. The thermochemical
conversion of biomass to H2, utilizing steam as a gasification agent, demonstrates superior efficiency com-
pared to air gasification, resulting in an increased H2 yield [14]. This enhanced performance is attributed
to the promotion of the water gas shift reaction, reduction in tar formation, improved process control, and
the generation of a syngas composition favorable for H2 production. The endothermic nature of the steam



gasification process necessitates an external energy source to facilitate the progression of the reaction. Var-
ious suggested energy sources for this process include partial combustion of organic matter, the utilization
of concentrated solar energy, or nuclear energy. Numerous studies have been performed to investigate H2

production using the steam gasification of biomass [15–18]. Ishaq and Dincer [19] presented an innovative
biomass gasification system designed for both ammonia and power generation, featuring a process for recov-
ering heat from high-temperature gases to supply steam for gasification. Flórez-Orrego et al. [20] carried out
an exergy analysis comparing ammonia production plants based on natural gas and biomass. It is estimated
that carbon emissions from the combustion of biomass are quite significant which is the heat source in the
conventional biomass gasification process [21]. Sahu et al. [22] conducted a techno-economic analysis for a
process that uses an electrolyte membrane water electrolyzer for hydrogen synthesis and H-B for ammonia
production.

Nuclear energy is acknowledged as a clean energy source as the energy production process in nuclear power
plants does not generate direct carbon emissions. Microreactors, with a thermal capacity below 20 MW,
represent innovative nuclear energy technologies which have the potential to generate low-carbon electricity
and process heat, presenting a distinctive advantage in efficiently delivering these benefits to remote com-
munities through a simplified installation process [23–28]. To progress toward sustainable carbon-neutral
farming, it is imperative to adopt ammonia production processes that have significantly lower greenhouse
gas emissions. It is pointed out here that ammonia production requires 1/3rd of total energy consumption in
the agriculture sector.

The techno-economic analysis for ammonia production based on integrated conventional biomass gasifica-
tion and H-B process is available in the literature [6,29–31]. A similar approach is used in the present work
to perform the energy requirement and economic assessment of small- scale ammonia production through
the Haber-Bosch (H-B) method at the local depots using a nuclear microreactor as a process heat source.
Three different biomass feedstocks (corn stover, wood, and wheat straw) are considered for H2 production.
The economic model estimates the Levelized cost of Ammonia LCOA for the proposed process using the
considered feedstocks. Moreover, a detailed sensitivity analysis is carried out to identify the significant
parameters influencing the LCOA

2 Process description

The primary goal of the current study is to sustainably manage a farm by converting the agriculture waste
residue into hydrogen and ammonia without using carbon-emitting energy resources. The schematic of
the ammonia production process used in the present study is depicted in Figure 1. The proposed process
consists of various unit operations, encompassing biomass gasification, syngas cleaning and conditioning,
air separation and thermochemical H-B synthesis. The energy needed for these operations is supplied by
nuclear microreactor, as illustrated in Figure 1.

2.1 Biomass to H2 production process

Biomass gasification is a thermochemical process wherein biomass undergoes conversion into a gaseous
fuel known as syngas. In the present study, corn stover, wheat straw, and wood were considered as the
feedstocks for the gasification process. The composition of corn stover includes stalks, leaves, and cobs,
whereas wheat straw consists of stems and leaves after the harvest. Gasification can be carried out with vari-
ous gasifier designs, including fixed beds, fluidized beds, and entrained bed reactors. Fluidized bed gasifiers



Figure 1. Ammonia production flow diagram.

are often preferred due to their flexibility in handling diverse feedstock qualities, high carbon conversion ef-
ficiency, minimal tar-related challenges, and the ability to maintain uniform temperature distribution. Given
the unpredictable composition and moisture content of biomass, a fluidized bed gasifier was chosen to ad-
dress these concerns. Steam assisted biomass gasification has demonstrated its advantages over air-blown
gasification, particularly in yielding a higher amount of H2 [32]. Due to the endothermic nature of this
process, thermal energy is required. With the energy sourced from the nuclear microreactor, the thermo-
chemical process of converting agriculture feedstock to hydrogen adopted is constrained by the temperature
limitations of the microreactor. Therefore, the proposed gasification process is set to operate at a temper-
ature of 650 °C. Based on the heating value of the feedstock and the gasifier efficiency presented in the
literature [10], the estimated energy requirement for gasifying each kilogram of corn stover, wheat straw,
and wood is approximately 2.39, 2.32 and 3.24 kWh (th), respectively. Eq. 1 represents the conversion of
biomass into syngas through its reaction with steam.

Biomass + steam → H2 + CO + CO2 + CH4 + other CHs + tar + char (1)

The gas composition used in this analysis is drawn from the pilot-scale experiments conducted by Carpenter
et al. [10], as outlined in Table I.

Upon examination of the gas composition data derived from the gasification process, it has been deduced
that the H2 yield is approximately 0.0133 kg per kg of corn stover, 0.0124 kg per kg of wheat straw, and
0.0196 kg per kg of wood. The gas coming out from the gasifier is directed to the tar reformer, where
hydrocarbon compounds undergo conversion into CO and H2, as shown in Eq. 2.

CnHm(tar) + nH2O →
(
n+

m

2

)
H2 + nCO (2)

The percentage conversion values used for each compound are shown in Table II. The overall H2 yield per
kilogram of biomass resulting from the catalytic steam tar reforming process was estimated to be approxi-



Table I. Gasifier operating parameters, yields, and gas compositions in a pilot experimental study [10].
Gasifier Type Fluidized Bed
Temperature 650°C
Steam/biomass feed 1 kg/kg

Gas Composition, % Volume Corn Stover Wheat Straw Vermont Wood
H2 26.9 25.4 28.6
CO 24.7 27.5 23.5
CO2 23.7 22.0 24.0
CH4 15.3 16.3 15.5
He (tracer) 1.6 1.6 1.2
C2H4 4.2 4.3 3.9
C2H2 0.45 0.31 0.38
C3H8 0.40 0.81 0.61
C3H6 0.12 0.10 0.09
1-C4H8 0.08 0.08 0.06
2-cis-C4H8 0.02 0.00 0.00
2-trans-C4H8 0.00 0.00 0.01
H2S - 0.08 0.00

Gas yield on a dry basis, kg/kg 0.54
Gas yield on a dry basis, kg/kg 0.54
Gas yield on a dry basis, kg/kg 0.74

mately 0.0374 kg for corn stover, 0.0384 kg for wheat straw, and 0.0535 kg for wood, respectively. The gas
compositions, expressed in mol % on a dry basis, subsequent to the tar reforming process, are provided in
Table III .

Table II. Performance of tar reformer [12].
Compound Conversion to CO and H2

CH4 80%
C2H4 90%
C2H2 90%
C3H8 90%
C3H6 90%

To increase the yield of H2 and decrease the concentration of CO in the resulting product gas, a Water-Gas
Shift (WGS) unit is utilized. The WGS reaction is shown in Eq. 3. With a CO conversion of 95% in the
WGS unit [33], the overall H2 yield reaches 0.0629 kg/kg of corn stover, 0.0657 kg/kg of wheat straw and
0.0876 kg/kg of wood.

CO + H2O → CO2 + H2 (3)

A pressure Swing Absorption (PSA) unit is employed to purify the shifted gas stream, separating H2 from
the gas mixture containing CO2 and other unreacted hydrocarbons. This purification step ensures a cleaner
and more concentrated H2 product. In the present study, it was assumed that the hydrogen recovery rate is



Table III. Gas compositions after tar reformer.
Gas composition, Feedstock type
% mol dry basis Corn stover Wheat straw Vermont wood

H2 47.43 47.46 48.84
CO 34.06 35.58 32.81
CO2 14.87 13.26 14.99
CH4 1.92 1.97 1.94
He (tracer) 1.00 0.96 0.75
C2H4 0.53 0.52 0.49
C2H2 0.06 0.04 0.05
C3H8 0.05 0.10 0.08
C3H6 0.02 0.01 0.01
1-C4H8 0.05 0.05 0.04
2-cis-C4H8 0.01 0.00 0.00
2-trans-C4H8 0.00 0.00 0.01
H2S 0.00 0.05 0.00

85% [12], which resulted into the corresponding energy requirement of 5 kWh/kg H2 for the purification
process.

2.2 Ammonia synthesis process

The ammonia synthesis is based on the HB process, an exothermic equilibrium reaction between N2 and
H2, as represented by Eq 4.

N2 + 3H2 ⇀↽ 2NH3 (4)

The H2 utilized in this process is sourced from the previously detailed biomass gasification process, while
the N2 is acquired through a system utilizing PSA technology. Within the PSA, surrounding air is directed
through a bed of adsorbent material, notably carbon molecular sieves, and then desorbed by altering the
pressure. The cavities and pores of the absorber bed facilitate a more rapid diffusion of oxygen than nitro-
gen. This characteristic plays a pivotal role in achieving the successful separation of nitrogen during the
absorption phase. The PSA unit is estimated to consume around 0.11 kWh/kg N2 [34].

The ammonia synthesis through the H-B process is conventionally executed within the temperature range of
400 to 500 °C and under a pressure ranging from 150 to 200 bar in the presence of an iron-based catalyst.
These high operating conditions represent a balance between achieving faster reaction rates and adhering to
Le Chatelier’s principle, which states that a system in equilibrium shifts to counteract changes in pressure
or temperature. In this case, while lower temperatures favor ammonia production, higher temperatures are
needed for faster reaction rates. As a result, only 20-30% of the H2 is converted to ammonia in each pass. To
enhance the yield, a recycle loop is implemented, facilitating the reintroduction of unreacted components and
promoting further reactions to maximize ammonia production. The overall cycle conversion was considered
to be 97% in this study [35,36]. By taking into account this overall conversion efficiency of the H-B process,



the expected theoretical yield for ammonia is calculated to be 5.497 kg/kg H2. The energy requirement for
the H-B unit is 0.725 MWh/tonne NH3 [37].

Considering the overall hydrogen yield post-thermochemical gasification, encompassing the WGS reaction
and gas purification via the PSA process, alongside the overall efficiency of the H-B process, energy re-
quirements for each of these processes and a typical microreactor size of 5 MWe, annual ammonia yields
are estimated to be 1811.31 tonnes, 1938.59 tonnes, and 1857.18 tonnes using corn stover, wheat straw, and
wood as feedstocks, respectively, with annual feedstock requirements of approximately 5238.6 tonnes of
corn stover, 5367.78 tonnes of wheat straw, and 3856.78 tonnes of wood.

3 Economic model

This section presents a comprehensive economic assessment of an ammonia synthesis plant employing a 5
MWe nuclear microreactor as its primary energy source. The plant utilizes corn stover, wheat straw, and
wood as the feedstocks for gasification in hydrogen production and incorporates process heat and power
generated by a nuclear microreactor. Figure 2 illustrates the categorization of total cost.

Figure 2. Categorization of total cost. Inspiration for illustration from Refs. [38, 39].

The overall cost associated with ammonia production is composed of two high-level components: capi-
tal costs and operating costs. The total capital cost includes both fixed capital and working capital costs.
The fixed capital costs encompass various components such as direct, indirect, contingency and auxiliary



costs. The direct costs constitute the principal expenses directly associated with acquiring and installing
equipment. This includes the free on board cost of the equipment, the expenditure on materials required for
installing the equipment, and the costs associated with labor during the installation process. The indirect
costs are secondary expenses not directly linked to specific equipment but essential for the overall project.
These costs include transportation expenses, construction overhead costs, and expenditures related to con-
tractor engineering. The contingency costs represent additional funds set aside to account for unforeseen
circumstances or changes that may arise during the project. The auxiliary costs are supplementary costs
associated with supporting elements of the project, beyond the direct and indirect costs. The methodology
adopted for the estimation of capital cost is presented in Table IV.

Table IV. Methodology for estimating capital cost [38, 40].
Cost parameter Basis
Equipment cost (EC) Exponential Economic Scaling

[Eq. (5)]
Total Equipment cost (TEC)

∑n
i=1ECi

Direct project cost (DPC) 1.55TEC
Indirect project cost (IPC) 0.31TEC
Contingency and fee cost (CFC) 0.18(DPC + IPC)
Auxiliary facilities cost (AFC) 0.3(DPC + IPC + CFC)
Fixed capital cost (FCC) DPC + IPC + CFC + AFC
Working capital cost (WCC) 0.13FCC
Total capital cost (TCC) FCC + WCC

Due to the lack of precise data for evaluating the economic aspects of the designed scale plant, this study
adopts an approach that involves leveraging information from available data. Considering the potential
impact of inflation and deflation over time, it is essential to reevaluate and adjust all pertinent economic
factors. The estimation of capital costs relies significantly on equipment costs (EC), which are computed
with the help of the exponential scaling model, as shown in Eq. 5 [39].

EC2023 Aug = ECref

(
A

Aref

)s

×
CEPCI2023 Aug

CEPCIref
(5)

In Eq. 5, represents the EC2023 Aug anticipated equipment cost, associated with the attribute (A) (e.g., pro-
duction capacity). Moreover, ECref

refers to the known equipment cost corresponding to the attribute . The
CEPCI is the chemical engineering plant cost index, which ensures that the equipment cost is brought up to
date and reflects the economic conditions at present (Aug 2023). The symbol ‘s’ is the scaling scale expo-
nent. For each process used in the study, the scaling exponent is detailed in Table V. The present economic
model has been simplified by explicitly including equipment costs associated with hydrogen and ammonia
production. This entails accounting for expenses associated with the gasifier, gas cleaning, tar removal,
WGS reactor and PSA unit for hydrogen, as well as PSA for nitrogen and the H-B synthesis process for am-
monia production (as detailed in Table VII). In the analysis, the values of ECref

for gasifier, gas cleaning,
tar removal, WGS reactor and PSA unit for hydrogen are taken from Spath et al. [12] while for the PSA for
nitrogen and the H-B synthesis process, the values are taken from Bose et al. [37]

The integration of equipment costs related to the nuclear microreactor has been facilitated by incorporating
the capital cost of the 5 MWe nuclear microreactor, as reported in the NEI report [42] and ref [43].In



Table V. Scaling exponents for each process [41].
Process Scaling factor
Gasification 0.65
Reforming 0.60
Synthesis process 0.62
Separation process 0.62
Other process 0.68

the present analysis, the capital cost of an Nth-of-a-kind (NOAK) nuclear microreactor has been utilized,
obtained with the help of Eq. 6 [43]:

Cost of NOAK = Cost of FOAK × (1− LR)log2 N (6)

Here, FOAK denotes first-of-a-kind, LR is the learning rate and N is the number of microreactor deploy-
ments. Corresponding parameter values used in estimating the NOAK capital cost are presented in Table
VI.

Table VI. Input parameters for estimating NOAK nuclear microreactor capital costs [42].
Parameter Value
Number of microreactor deployments (N ) 50
Cost of FOAK microreactor deployment $15,000
LR 10%

Operating costs constitute essential expenditures for plant operations and are incurred annually. Operating
costs are typically broadly categorized into direct operating costs DOC , fixed operating costs FOC , and
general and administrative costs GAC [39]. The DOC in ammonia production, encompassing items like
feedstock, fuel costs, utilities, operating labor, supplies, and related costs, are directly influenced by produc-
tion levels. As production increases or decreases, these costs vary accordingly. In contrast, FOC , which
involves expenditures like taxes, insurance, and facility depreciation, remains constant irrespective of the
production capacity. These costs are incurred annually and do not vary with the production volume. GAC ,
covering management, sales, financing, and research functions, are essential components necessary for the
overall functioning of the business but remain independent of production levels.

The operating cost OPC is estimated as follows [39]:

OPC = DOC + FOC +GAC (7)

DOC = RMC + UTC + 1.33LC + 0.069FCC + 0.03OPC (8)

FOC = 0.708LC + 0.068FCC (9)

GAC = 0.177LC + 0.009FCC + 0.16OPC (10)



OPC = 0.180FCC + 2.73LC + 1.23(UTC +RMC) (11)

In the above equations, LC , UTC , and RMC represent labor cost, utility cost, and raw material cost, respec-
tively. The cost of operating supplies, laboratory charges, insurance, taxes, and other overhead expenses are
considered as factors of FCC , LC , UTC , and RMC .

The Levelized Cost of Ammonia LCOA serves as a critical metric for evaluating the economic aspects
of the cost of producing ammonia over the lifetime of a project. Expressed as a standardized measure,
the LCOA facilitate a comprehensive evaluation of the cost of ammonia production. This standardized
approach enables a more straightforward comparison of various technologies or projects within the ammonia
production industry. This metric takes into account both the initial capital costs and the ongoing operating
costs associated with ammonia production. As shown in Eq. 12, the calculation normally entails adding the
net present value of these costs and then dividing the result by the present value of total ammonia production
throughout the course of the project [44]. The parameters and assumptions considered in estimating LCOA
are provided in Table VII.

LCOA =

∑nlife
t=0

TCCt+OPCt+DCt
(1+r)t∑nlife

t=0
Pt

(1+r)t

(12)

where the variable TCCt is the capital cost in year t, OPCt is the operating cost in year t, DCt is the
decommissioning cost associated with the nuclear microreactor in year t, Pt corresponds to the ammonia
production in year t, nlife denotes the plant’s operational lifespan and r is the interest rate.

4 Results and discussions

This section presents the economic assessment of an ammonia production facility that incorporates biomass
gasification and utilizes thermal/electrical energy sourced from a 5 MWe nuclear microreactor. Utilizing the
experimental findings of Carpenter et al. [10] and accounting for conversion efficiencies in key processes
such as the WGS reaction and PSA as detailed in Subsection 2.1, the estimated hydrogen yield in the
overall gasification process is found to be 0.0629 kg per kg of corn stover, 0.0657 kg per kg of wheat
straw, and 0.0876 kg per kg of wood. Based on a theoretical yield of 5.497 kg of ammonia per kg of H2

in the H-B process and considering the energy requirements associated with each biomass feedstock and
microreactor size (5 MWe), it is determined that the plant’s annual ammonia production would amount to
1811.31 tonnes from corn stover, 1938.59 tonnes from wheat straw, and 1857.18 tonnes from wood. Based
on the typical ammonia requirement per acre of a farm field for corn stover cultivation, which ranges from
147 to 173 pounds, [45] and the ammonia yield of the proposed process, a 5 MWe nuclear microreactor
could potentially support the cultivation of corn stover on a 50×500-acre farm fields or 50 farms of 500
acres which is the typical size of a corn or wheat crop producing farm in United States.

Figure 3 illustrates the estimated ammonia production costs (LCOA), obtained using Eq. 12, which con-
siders the capital cost, operating cost of the plant, and decommissioning cost of the microreactor, along
with the production capacity of the plant and the discount rate, from different biomass feedstocks for two
different capital costs of the microreactor: Figure 3(a) is based on a capital cost of $8276/kWe for the 50th
reactor deployment, derived from a FOAK reactor cost of $15,000/kWe and a learning rate (LR) of 10%



Table VII. Parameters and assumptions for the estimation of LCOA.
Parameter Value
Money value US $ (Aug 2023)
CEPCI2023 Aug 798.7
Plant lifespan 40 years
Construction year 1 year
Interest rate 8%
Inflation rate 2%
Working hours 52 weeks in a year, 6 days in a week, 8 hours per day

for one shift
No of operating labor 2 laborers per shift
Efficiency of microreactor 36%
Fuel cost $10/MWh
Feedstock cost $80/tonne
Operating labor cost $20/h
Decommissioning cost $5/MWh
Equipment cost estimation
Equipment Attribute / Designed capacity
Gasifier, including gas cleaning and tar Feedstock, tonne/day:

Corn stover: 16.79
Wheat straw: 17.20
Vermont wood: 12.36

WGS reactor Producer gas entering the shift reactor, kg/h:
Corn stover: 816.79
Wheat straw: 866.95
Vermont wood: 815.13

PSA for hydrogen kg/h (H2):
Corn stover: 44
Wheat straw: 47.10
Vermont wood: 45.12

PSA for nitrogen kg/h (N2):
Corn stover: 205.37
Wheat straw: 219.80
Vermont wood: 210.57

H-B synthesis process kg/h (NH3):
Corn stover: 241.89
Wheat straw: 258.89
Vermont wood: 248.02

using Eq. 6, while Figure 3(b) is based on a capital cost of $3996/kWe for the 50th reactor deployment,
derived from a FOAK reactor cost of $10,000/kWe and an LR of 15%. It can be observed that when wheat
straw is employed as a biomass feedstock for hydrogen production, the LCOA is the most economical com-
pared to other feedstocks. This cost advantage can be attributed to the higher yield of ammonia production
for fixed energy input, as the energy required for wheat straw gasification is relatively lower compared to
other biomass feedstocks. Although gasifying wood results in a higher hydrogen yield, requiring a smaller
capacity gasifier, the mass balance analysis shows that the WGS reactor also needs a smaller capacity when
using wood compared to other feedstocks (see Table VII). These reduced capacity requirements lead to a



lower unit price for both the gasifier and the WGS reactor. However, the LCOA for wood is still higher than
for wheat straw, primarily due to the higher energy requirement.

Figure 3. Estimated levelized costs of ammonia production for different biomass feedstocks: (a) based
on a capital cost of $8276/kWe for the 50th reactor deployment, and (b) based on a capital cost of
$3996/kWe for the 50th reactor deployment.

Table VIII presents the costs of the key process equipment used in the ammonia production process for each
feedstock.

Table VIII. Costs of the process equipment.
Equipment Cost, K$

Corn stover Wheat straw Vermont wood
Gasifier, including gas cleaning 923.35 938.09 756.70
and tar reformer
WGS reactor 27.45 28.45 27.41
PSA for hydrogen 104.50 111.17 106.91
PSA for nitrogen 43.43 46.19 44.43
Ammonia synthesis process 1549.06 1615.68 1573.27

To comprehend the cost contribution of individual items in each of the analyzed cases, Figure 4 showcases
the breakdown of annualized total costs for ammonia production based on the capital cost of $8276/kWe for
the 50th reactor deployment. For the calculation of the annualized TCC (TCCan) presented in Figure 4, the
concept of the capital recovery factor (CRF) is utilized, as illustrated in Eq.13 and 14

TCCan = CRF × TCC (13)

CRF =
r(1 + r)nlife

(1 + r)nlife − 1
(14)



Figure 4. Breakdown of annualized total costs associated with ammonia production.

It is observed that the dominant cost component across all cases is the annualized TCC, which constitutes
approximately 35% of the overall expenses. Following closely is the DOC, contributing around 32%. The
FOC and GAC each represent approximately 19% and 13% of the overall expenses, respectively. A detailed
breakdown of the capital cost of equipment shows that the microreactor cost stands out as the primary
factor driving the capital cost, representing approximately 88-90% of the total. Following this, the cost
share of the ammonia synthesis loop amounts to nearly 6-7% of the total equipment cost. The gasifier cost,
which includes drying and tar removal processes, contributes approximately 3-4% to the total equipment
cost. The remaining portion encompasses equipment costs associated with the shift reactor and the PSA
unit. The breakdown of the DOC for the plant reveals that operating and supervisory labor costs constitute
approximately 29%, followed by biomass feedstock costs and fuel costs, each representing 27% and 25%
respectively. Maintenance and repair costs make up approximately 17% of the DOC, with the remaining
portion allocated to laboratory charges.

A comprehensive sensitivity analysis has been conducted on the calculations pertaining to ammonia synthe-
sis, specifically focusing on discerning the influence of various key parameters and underlying assumptions
on the LCOA. Table IX displays the key parameters considered in the analysis, along with their correspond-
ing upper and lower bounds values. Each parameter, such as total process equipment cost, interest rate,
labor cost, and feedstock cost, is subject to a variation of ±30%. However, the parameters associated with
the nuclear microreactor, including the fuel cost, cost of the FOAK nuclear microreactor, and learning rate,
which are pivotal factors in the analysis, undergo a slightly different adjustment as specified in the NEI
report [42]. Figure 5 displays the results of the sensitivity analysis in the form of tornado charts.

The outcomes from the sensitivity analysis revealed a consistent pattern across all biomass feedstocks, un-
derscoring the predominant influence of the financial parameters of the microreactors, such as the cost of
FOAK reactor deployment and the learning rate. The process equipment cost component within the fixed
capital cost, alongside the interest rate, also significantly impacts the levelized cost of ammonia. In contrast,
the impact of the remaining parameters, including feedstock cost, fuel cost, and labor cost rate, was found
to be relatively modest, indicating a secondary role in affecting the levelized cost of ammonia. This empha-
sizes the critical importance of infrastructure and operational expenses in driving economic considerations



Table IX. Details of the parameters considered in the sensitivity analysis.
Key Parameters Base Value Lower Value Upper Value

CS WS CS WS

Total Process Equipment Cost (K$) 938.6 657.0 650.3 1220.2 1207.7
Cost of FOAK Nuclear Microreactor (K$/kWe) 15 10 10 20 20
Learning Rate (%) 10 15 15 5 5
Interest Rate (%) 8 5.6 5.6 10.4 10.4
Labor Cost ($/h) 20 14 14 26 26
Fuel Cost ($/MWh) 10 6 6 14 14
Feedstock Cost ($/t) 80 56 56 104 104

for ammonia production from diverse biomass sources using a nuclear microreactor as an energy source. A
pivotal factor in reducing the total cost of ammonia production from biomass using present technology is
making nuclear microreactor technology cost-competitive with conventional energy sources.

The predicted results indicate that when the cost of the FOAK reactor deployment is reduced from $20,000/kWe
to $15,000/kWe, such that the cost of the 50th reactor deployment at a learning rate of 10% becomes
$8276/kWe using Eq. 6, the LCOA is significantly reduced. For corn stover, wheat straw, and wood as
feedstocks, the LCOA ($/kg) decreases from 6.264 to 5.131, 5.884 to 4.825, and 6.059 to 4.995, respec-
tively. Furthermore, by further reducing the cost of FOAK reactor deployment to $10,000/kWe, the LCOA
for corn stover, wheat straw, and wood as feedstocks are; reduced to $3.998/kg, $3.767/kg, and $3.850/kg,
respectively.

As previously mentioned, the learning rates of nuclear microreactors also significantly impact the LCOA.
These learning rates are expected to range between 5% and 15% [42]. By maintaining a learning rate of
15% and the cost of the FOAK at $10,000/kWe, the cost of the 50th reactor deployment is $3996/kWe and
LCOA is estimated to be $3.890/kg for corn stover, $3.666/kg for wheat straw, and $3.744/kg for wood
as feedstocks. In addition to the microreactor capital cost, the results are highly sensitive to the capital
cost assumptions of the process equipment. In particular, a 30% decrease in process equipment cost corre-
sponds to a roughly 6-10% reduction in the LCOA. To further examine the influence of individual process
equipment cost assumptions on LCOA, a sensitivity analysis was conducted by varying individual process
equipment costs by ±30% relative to the base value. This analysis specifically targeted prominent process
equipment, namely the gasifier and ammonia synthesis loop, which collectively contribute significantly to
the total process equipment cost. The results of this analysis are illustrated in Figure 6. For a ±30% vari-
ation in gasifier prices, the LCOA for corn stover, wheat straw, and wood ranges from $5.03 to $5.232/kg,
$4.729 to $4.921/kg, and $4.874 to $5.035/kg, respectively. Similarly, the LCOA for each biomass feed-
stock experiences a variation of ±$0.17/kg, ±$0.165/kg, and ±$0.169/kg from the base values ($5.131/kg,
$4.825/kg, and $4.955/kg for corn stover, wheat straw, and wood, respectively) when the ammonia synthesis
capital cost is adjusted by ±30%. This variation in LCOA due to the cost variation of the ammonia synthesis
process equipment is nearly double the variation in LCOA resulting from the cost variation of the gasifier.

The LCOA obtained from the current technology was compared with the findings of other studies analyzing
the economic aspects of ammonia production from biomass using conventional techniques, as illustrated
in Table X. In conventional biomass gasification, the energy required for the reactions is derived from the
combustion of char [29]. Additionally, Table X presents the predicted LCOA based on the integrated am-
monia synthesis loop process and hydrogen production through a conventional electrolysis process using
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Figure 5. Sensitivity analysis of LCOA based on low and high values for key model inputs, considering
different feedstocks—(a) corn stover, (b) wheat straw, and (c) wood. Purple color represents values
lower than the base value, and yellow color represents values higher than the base value.



Figure 6. Sensitivity analysis of LCOA with ±30% equipment cost variations for (a) gasifier, gas
cleaning, and tar reformer; (b) H-B ammonia synthesis loop. Purple colour represents values lower
than the base value, and yellow colour represents values higher than the base value.

nuclear power. For the estimation of LCOA in this scenario, the initial step involved is acquiring the cost of
hydrogen production from the conventional electrolysis process. This was achieved through the utilization
of the HydCalc tool developed by the International Atomic Energy Agency (IAEA) [46]. Within this tool,
the hydrogen requirement is set at 329.5 tonnes , 353.6 tonnes and 337.9 tonnes. These values correspond to
the equivalent hydrogen produced from the gasification of corn stover, wheat straw, and wood, respectively.
In addition to hydrogen, the unit cost of electricity was set at $0.21/kWh [42]. The total cost of hydrogen
was estimated to be $ 4.72M, $ 5.06M and $ 4.84M for the respective hydrogen requirements of 329.5
tonnes, 353.6 tonnes and 337.9 tonnes. Once the cost of hydrogen production was determined, it served
as the feedstock cost for the subsequent ammonia synthesis process. The remaining operating parameters,
encompassing operating labor, electrical power for PSA for N2, and the H-B process, remained consistent
with those utilized in previous analyses. The equipment cost for this case included PSA for N2 and the
ammonia synthesis loop. The economic assumptions also remained consistent with those used previously. It
can be seen that the cost of ammonia produced from the proposed concept is currently more economical than
that of integrated conventional electrolysis using nuclear power and the Haber-Bosch process. However, the
higher cost is largely due to the estimated hydrogen demand cost. Although ammonia production from the
proposed technology is not yet competitive with conventional methods, there is potential for cost reduction
through standardization and supply chain improvements in the microreactor, which in turn can make the
proposed technology directly competitive with conventionally produced ammonia.

5 Conclusions

The escalating threat of climate change and environmental degradation is driving renewed interest in nuclear
energy as a reliable, low-carbon power source. Among emerging nuclear technologies, microreactors show
significant promise for providing low-carbon energy, capable of generating between 1 and 20 MW of heat
or electricity. Traditional ammonia production through the Haber-Bosch process, involving thermochemical



Table X. Comparison of LCOA from various technologies.
Technology LCOA ($/kg) Remarks
Based on integrated conventional
biomass gasification and H-B pro-
cess [?]

1.519 (2008) Ammonia production capacity: 10 t/d;
biomass type: eucalyptus; biomass price:
$16.5/t

Based on integrated conventional
biomass gasification and H-B pro-
cess [?]

1.153 (2016) Ammonia production capacity: 65 t/d;
biomass price: $100/t

Based on integrated conventional elec-
trolysis using nuclear power and H-B
process

5.014a (2023) aAmmonia production capacity: 5.81
t/d; bAmmonia production capacity:
6.21 t/d; cAmmonia production capacity:
5.95 t/d; electricity feedstock price:
$0.21/kWh; estimated hydrogen demand
cost: $14.34/kg

4.930b

4.960c

This work 3.890a aAmmonia production capacity: 5.81 t/d;
biomass type: corn stover

3.666b bAmmonia production capacity: 6.21 t/d;
biomass type: wheat straw

3.744c cAmmonia production capacity: 5.95 t/d;
biomass type: wood; biomass price:
$80/t; cost of 50th reactor deployment:
$3966/kWe

conversion of biomass for hydrogen production, is highly energy-intensive. This paper presents the eco-
nomic analysis of ammonia production by integrating a 5 MWe nuclear microreactor as the energy source
within the Haber-Bosch process, along with thermochemical biomass gasification. Three different biomass
feedstocks—corn stover, wheat straw, and wood—were considered. The findings indicate that the antici-
pated yield of ammonia production using a 5 MWe nuclear microreactor is sufficient to meet the annual
ammonia requirements for a 50×500-acre farm field. The current estimate suggests that LCOA based on the
proposed technology is higher than integrated conventional biomass gasification and H-B process. However,
the ammonia production route presented here is conceived to be lower in carbon emissions. The economic
analysis highlighted the significant sensitivity of the LCOA to the capital cost of the nuclear microreactor,
with the microreactor’s capital expenses representing nearly 86% of the total plant cost. In order to make
the LCOA competitive with conventional technology, the cost of microreactor needs significant reduction.
There exists a potential for this reduction through supply chain, and technology maturity. Moreover, the cost
of the proposed approach is significantly lower than the conventional electrolysis using nuclear power and
H-B process.
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Task 5: (Contribution from Illinois) Coupling and economic analysis of nuclear 

microreactor enabled ammonia production – Demand side analysis 

1. Introduction 

Nuclear microreactors are gaining interest as the need for smaller, distributed energy sources 

becomes more prevalent. Compared to the current gigawatt-scale facilities, microreactors are much smaller 

and can be easily transported, allowing for the reduction of logistical challenges associated with large 

construction projects [1, 2]. As the need for carbon-free energy solutions increases, the anticipated 

streamlined deployment and lower capital cost of nuclear microreactors provides an opportunity for 

increased investment into nuclear technology amidst wavering support for its revival due to stalled projects 

and cost overruns in traditional nuclear construction [3, 4]. Microreactors also produce high-temperature 

process heat which enables their coupling with industrial processes and the potential to produce higher 

value products than the historical role of electricity generation. 

A variety of proposed uses for microreactors have been studied in depth, from integration into 

existing microgrids to the powering of industrial facilities. Wodrich et al. [5] modeled a representative 

microgrid with heating steam and electrical loads fulfilled by fossil fueled and renewable generation and 

tested the deployment of a microreactor for electrical generation, direct integration into existing steam 

infrastructure as a nuclear boiler, and as a load conditioning device. They determined that the greatest cost 

savings were obtained from using a microreactor for electrical generation but noted that these benefits 

would be present with comparable conventional power generation methods. Lovering [6] investigated off-

grid deployment of microreactors through case studies involving diesel-dependent communities such as 

hospitals. Their study determined that microreactors can be competitive with applications where diesel cost 

is high but noted that microreactors are not competitive on the U.S. electrical grid and particularly with 

natural gas. They suggested that the application of microreactors for industrial applications in desalination 

and chemical production should be evaluated. Testoni et al. [7] reviewed a study of proposed nuclear 
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microreactor costs and determined that microreactors are cost-competitive with diesel generators 

particularly due to the cost of fuel and its transportation. They also compared microreactors with distributed 

renewable generation and found renewables to have lower LCOEs but not being completely carbon-free 

due to the use of backup fossil-fuel generation. Chaube et al. [8] have studied various hydrogen production 

methods and microreactor designs, and the possibilities of integrating the two for nuclear microreactor 

hydrogen production. They concluded that all proposed microreactor designs can act as process heat sources 

for low-temperature hydrogen production methods, but that only select designs could provide heat at 

temperatures above 700 ℃ and that external heating might be required for optimal hydrogen producing 

conditions in mature thermochemical processes. Meanwhile, Kalinichenko et al. [9] modeled the pairing of 

a microreactor with two mature hydrogen production technologies and compared their economic viability 

to existing estimates of microreactor cost. They determined that at longer plant operating periods the natural 

gas reforming method was more competitive than the high temperature electrolysis method due to the 

reduced energy requirements as a result of stored chemical energy in the methane reactant. Comparing to 

existing microreactor cost estimates, they found that the natural gas reforming method could provide a 

return on investment in 21 years and the high temperature electrolysis method required above average 

hydrogen sale prices to provide a return on investment within 25 years.  

 Of the reviewed microreactor applications, hydrogen production appears to be promising for 

recuperating the high capital cost of the nuclear technology. However, the market for hydrogen is not well 

developed, with its main proposed use being as a fuel for transportation. As hydrogen fueled transportation 

is currently in the early stages of mass deployment, it is not likely that a large uninterrupted demand for 

hydrogen will exist to make a nuclear microreactor based hydrogen production facility feasible. 

Furthermore, the use of hydrogen for transportation requires compression to pressures between 350 bar and 

700 bar, which requires significant energy [10]. One possible alternative end-product is ammonia which 

uses hydrogen as a precursor followed by the bonding of nitrogen and hydrogen at moderate pressure and 

temperature through the Haber-Bosch process. This process combines nitrogen and hydrogen at 150-200 
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bar, thus requiring less compression energy [11]. In contrast to hydrogen, ammonia has a well-developed 

market in its use in agricultural fertilizers such as urea [12]. This means that there will be a demand that 

can allow a microreactor-powered ammonia production facility to operate continuously at its rated output. 

Furthermore, ammonia is a higher value product than hydrogen and can be a more promising economic 

opportunity for investment in the deployment of nuclear microreactors. This is particularly true considering 

that ammonia pricing has been significantly elevated in recent years as observed in the ammonia market 

pricing shown in Figure 1.  

 

Figure 1    Historic ammonia market prices in Illinois and natural gas prices, indicating a significant 
rise during 2022 and 2023 [13, 14]. 

 In the commodity pricing trends in Figure 1, the prices of ammonia and natural gas are correlated, 

which helps explain the rise in ammonia pricing during 2022 and 2023. For comparison, estimates for the 

levelized cost of hydrogen are between $1.06-$3.64/kgH2 [15]. However, using stoichiometric ratios in the 

conventional Haber-Bosch process, a kilogram of hydrogen can be used to produce 11.3 kg of ammonia, 

which means that while hydrogen has higher price per kilogram, there is a greater economic return with 

ammonia production since a greater mass of ammonia can be produced. 
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Ammonia production has been discussed extensively in the existing literature, particularly with 

regard to green ammonia production. Tunå et al. [16] performed a techno-economic evaluation of ammonia 

production from wind electricity, biogas, and woody biomass to investigate the usage of non-fossil energy 

sources. They determined that with the possible exception of the biomass gasification, the methods were 

not cost competitive with existing fossil-fueled production, with production costs ranging from $970/tonne 

for biomass to $1725/tonne for a 3 MW electrolysis plant using wind electricity. In a more recent study, 

Campion et al. [17] developed a model to perform techno-economic analyses of ammonia produced using 

electricity from the grid or wind and photovoltaic technologies for various electrolyzers and weather 

profiles. They determined that the lowest production cost is achieved using solar technology in Chile, with 

a cost of $926/tonne. Furthermore, they noted that production costs can be further reduced with a grid 

connection, achieving as low as $835/tonne. Armijo and Philibert [18] studied the specific case of 

electrolyzer ammonia production from green wind and photovoltaic electricity in Chile and Argentina with 

regard to the challenges presented by the variability of the renewables. They determined that the ammonia 

producing loop required hydrogen storage to deal with the fluctuation in hydrogen production due to the 

fluctuating energy supply, and that increased flexibility in the Haber-Bosch process significantly decreases 

the amount of hydrogen that needs to be stored which decreases the corresponding cost. Considering this 

increased flexibility, a levelized production cost as low as $462/tonne was achieved. Cinti et al. [19] studied 

the integration of solid oxide electrolyzers into ammonia production powered by renewable electricity. By 

modelling the system in AspenPlus and comparing to the existing natural gas method and conventional 

electrolysis, they determined that the electricity requirements can be significantly decreased compared to 

conventional electrolyzers (i.e., down to 8.30 kWhe/kgNH3) but that this was still higher than that of the 

natural gas process at 1.77 kWhe/kgNH3. Meanwhile, Wood et al. [20] considered the integration of a high 

temperature gas cooled nuclear reactor (HTGR) with a variety of ammonia producing cycles. They 

determined that using nuclear heat in the conventional gas-to-ammonia process reduced the natural gas 

consumption by 18% and CO2 emissions by 70%, while four 600 MWth HTGRs coupled with high 

temperature steam electrolysis were required to achieve the same plant output as a single 450 MWth HTGR 



 
 
69  

coupled to a gas-to-ammonia process. They further determined that the integration of an HTGR with the 

conventional gas-to-ammonia process produced a comparable urea price to the conventional process and 

the U.S. urea sale price, indicating that this pathway could be promising for the reduction of natural gas 

usage and carbon emissions, while noting that the steam electrolysis appeared economically unviable. 

 With the high outlet temperatures of proposed designs, nuclear microreactors are well poised for 

integration with ammonia production cycles requiring high quality heat sources. The baseload operation of 

microreactors can help alleviate the difficulties experienced with the volatility of renewables in the search 

for green ammonia production technologies. Furthermore, while the economics of large-scale nuclear based 

ammonia production have been studied, the translation of these results to smaller scales that can be powered 

by microreactors requires further attention. In this work, an investigation into powering ammonia 

production systems based on natural gas reforming and high-temperature electrolysis with a microreactor 

was performed, with the two studied methods varying in the hydrogen production process. Each system 

configuration was optimized with the goal of maximizing the rate of ammonia production considering the 

assumed constraints of the microreactor and the conditions required for each of the reactions to proceed. 

Historic ammonia prices [13] were analyzed to generate a range of revenue estimates for each system and 

a theoretical gross margin (TGM) was determined by similarly analyzing historical pricing of the input 

feedstocks for each reaction. The TGM was used to determine the monthly income for use in a reverse 

amortization formula with the aim of determining the achievable principal loan (APL) for a given system 

configuration. Cost relations for the hydrogen and ammonia producing loops as a function of system size 

were used to calculate APLs representing only the microreactor and associated operating costs. This study 

aims to specify a range of APLs for ammonia producing systems that operate between 7-25 years to quantify 

the economic return of such configurations, investigate the impact of interest rates on the results, use 

available estimates for microreactor capital and operating costs [21] to interpret the results, and analyze the 

performance of the microreactor based production methods against their non-nuclear counterparts with 
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regard to specific energy requirements and production costs, thereby informing the extent to which 

ammonia production can aid in the economic viability of nuclear microreactors. 

1. System coupling 

Hydrogen production is the first key step in the production of ammonia through the Haber-Bosch 

cycle where hydrogen is combined with nitrogen under high pressures and with the help of catalysts [22]. 

Various approaches to microreactor-driven hydrogen generation have been explored in previous work [9], 

including natural gas reforming (NGR) and high-temperature electrolysis (HTE). Both methods work by 

using energy to produce hydrogen from steam (and methane in the case of NGR), with heat and some 

chemical reaction energy in the NGR process and electrical energy in HTE. Natural gas reforming has been 

shown to be the most cost competitive solution due to the considerably lower energy input due to energy 

chemically derived via the exothermic formation of carbon dioxide [23]. The NGR process reacts natural 

gas and steam under high temperatures to produce hydrogen and is currently the state-of-the-art method for 

commercial hydrogen and ammonia production [22]. Because NGR produces carbon dioxide, carbon 

capture and sequestration have to be considered in order to reduce its emissions impact. Such carbon capture 

and sequestration processes require energy which has to be included in the energy balance of the system. 

Meanwhile, HTE features lower electricity inputs than conventional low temperature electrolysis as a result 

of higher electrolysis efficiencies at temperatures above 650 ℃ [22]. At these higher temperatures heat can 

be used for some of the reaction input energy, bypassing losses related to the thermodynamic efficiency of 

electricity generation [24]. Nuclear reactors produce high temperature process heat that can be used to 

supply the necessary thermal energy and their coupling with industrial processes is an area of active research 

[9]. 

In this work, the production of ammonia using the microreactor-driven NGR and HTE processes is 

explored. A representative electricity conversion efficiency of 33.3% is assumed for the microreactor, 

modelled as a technologically agnostic source supplying thermal energy at 560 °C [9]. The ammonia 

synthesis is identical between the two systems and is achieved through the Haber-Bosch process. In this 
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process, hydrogen and nitrogen are combined at temperatures around 400 ℃ and pressures of about 150 

bar to produce ammonia [22, 25]. This process is the main method of industrial scale ammonia production 

currently in use [22]. 

2.1 Natural Gas Reforming Coupled with the Haber-Bosch Process  

The modelling of a microreactor coupled to natural gas reforming for hydrogen production has 

been investigated in detail in previous work [9], including the optimization of the system. The system for 

hydrogen production is modified for ammonia production by integrating a Haber-Bosch loop downstream 

of the produced hydrogen. A brief summary of the hydrogen producing natural gas reforming loop is 

provided along with the necessary modifications to obtain an ammonia producing system. 

In natural gas reforming, methane is reacted with water in the Steam Methane Reforming (SMR) 

and Water-Gas Shift (WGS) reactions to obtain hydrogen, represented by Eq. (1) and (2) respectively, 

𝐶𝐻4	(𝑔) + 	𝐻2𝑂(𝑔) → 	𝐶𝑂(𝑔) + 	3𝐻2	(𝑔), (1) 

𝐶𝑂(𝑔) + 	𝐻2𝑂(𝑔) → 	𝐶𝑂2(𝑔) + 	𝐻2(𝑔). (2) 

The simplified process flow of the microreactor-driven NGR and Haber-Bosch processes in this work is 

presented in Figure 2, with the modifications to the system in previous work [9] highlighted. 
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Figure 2    Process flow diagram of the microreactor driven ammonia production system with hydrogen 
generation via the natural gas reforming process described in the previous work [9, 26, 27, 28]. The 
ammonia process integration components are highlighted by the dashed area. In the ammonia generation 
system, the hydrogen stream enters a Haber-Bosch (HB) loop along with nitrogen separated from air 
through PSA. The exothermic HB reaction is used to heat the reactants for both processes through the 
recycling of thermal energy of the hot products using counter-current heat exchangers.  

 In Figure 2, pressurized streams of natural gas and purified water are fed into the plant to be heated 

by the reactor to the SMR reaction temperature. Pressurization occurs via isothermal compression with an 

assumed 50% efficiency [9]. The two streams are combined once the natural gas is desulfurized and are 

heated by the microreactor up to 560℃ to initiate the SMR reaction. Additional energy input occurs in the 

form of thermal and electrical energy to drive the endothermic (Δ𝐻 = 206𝑘𝐽/𝑚𝑜𝑙) reaction forward, with 

electrical heating used for temperatures above the microreactor process heat temperature. Multiple stages 

of the SMR are illustrated in Figure 2 to model reactions driven by the microreactor heat (SMR 1), by 

recovered heat from the hot SMR products (SMR 2), and by electrical heating at higher temperature for 

greater completion (SMR 3). Previous work found electrical heating to be inefficient and the optimal 

configuration involved only the first SMR stage [9]. 

 Heat recovery from the hot SMR products heats the reactants using counter-current heat exchangers 

with an assumed recovery of 90% of the thermal energy [9]. The cooled products undergo the WGS reaction 

and enter Pressure Swing Absorption (PSA) to separate the hydrogen. The hydrogen is passed into the 

Haber-Bosch loop at 150 bar [25] and at 200 ℃, while the carbon is separated from the effluent via another 

PSA system for sequestration as a liquid at 140 bar [9]. 

The ammonia producing portion makes use of the exothermic reaction (Δ𝐻 = −92𝑘𝐽/𝑚𝑜𝑙) [29] 

represented by, 

𝑁! + 3𝐻! → 2	𝑁𝐻". (3) 

In the ammonia production process, ambient air is first supplied to a pressure swing adsorption component 

to obtain nitrogen. The nitrogen is then compressed to 150 bar [25] and heated to the reactant inlet 

temperature of 300 ℃ [29]. The hydrogen from the NGR is similarly compressed and heated, with the 
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heating for both streams provided by the thermal energy recovered from the products of the Haber-Bosch 

(HB) reaction and supplemented by the nuclear microreactor. The HB reaction is exothermic, thereby 

raising the temperature of the exiting products to 400 ℃ [25], which proceed to heat the reactants for the 

HB and NGR reactions via heat recovery. The mixed reactant stream is then cooled to 25 ℃ to condense 

ammonia into the liquid phase for separation and storage while the unreacted gaseous nitrogen and 

hydrogen are returned to the HB reactor. The ammonia production reaction can proceed further towards 

completion at higher pressures and lower temperatures. However, the analysis performed in this work found 

that the electrical energy used in compression to achieve higher pressures significantly lowered the overall 

efficiency. Therefore, the lowest possible pressure and temperature were used when calculating the 

equilibrium constant [30].  

Thermodynamic analysis of the processes in Figure 2 was performed according to the enthalpies of 

formation of the chemical species in each stream, calculated using their reference and relative values [31]. 

The heat input required for a process is then determined as the enthalpy difference between the outlet and 

inlet. The analysis was simplified by lumping heating and cooling for processes below the microreactor 

process heat temperature (560 ℃), as appropriate for counter-current heat exchangers where the cold 

reactant stream is always at lower temperatures than the hot products [9]. 

A summary of the energy of the natural gas reformation and Haber-Bosch processes in Figure 2 is 

presented in Table 1 for 1 mol of natural gas at the optimal steam and natural gas mix determined in previous 

work [9]. The ammonia production rate of 40.1 g/s per MWth can be used to scale the production rate to the 

desired reactor size. 
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Table 1    Thermodynamic summary of the energy used by the processes in Figure 2 assuming the 
previously determined optimal inlet mix of steam and natural gas for NGR [9] and a 1 mol natural gas 
input. Blue processes require electricity input, green processes recover heat, and red processes are driven 
by recovered heat and reactor thermal energy as needed. 

Process ΔH (kJ) Type Efficiency Process Energy (kJ) 
Water Purification 0.42 Electric 1 0.42 
Inlet Compression 6.77 Electric 0.5 13.5 
Pre-SMR 460 Recovery + Heat 1 460 
SMR 1 130 Recovery + Heat 1 130 
SMR 2 0 Recovery 1 0 
SMR 3 0 Electric 0.95 0 
SMR 3 to SMR 2 Recovery 0 Recovery 0.9 0 
SMR 3 to Lumped Recovery -91.3 Recovery 0.9 -82.2 
WGS Reaction -69.3 Recovery 0.9 -62.4 
WGS Products Recovery -370 Recovery 0.9 -333 
H2 Compression 15.9 Electric 0.5 31.8 
Pre CC-Compression 2.01 Electric 0.5 4.02 
Carbon Capture (CC) 1.80 Electric 1 1.80 
CO2 Compression 5.38 Electric 0.5 10.8 
Nitrogen PSA 10.1 Electric 1 10.1 
Nitrogen Compression 6.24 Electric 0.9 6.93 
HB Reactant Preheat 8.55 Recovery + Heat 1 8.55 
HB Reaction Heat Recovery -33.4 Recovery 0.9 -30.0 
HB Products Recovery -29.0 Recovery 0.9 -26.1 

Total Reactor Heat Required 598.01 
Recoverable Heat 533.76 

Net Reactor Heat Required 64.25 
Total Electricity Required  79.36 
Ammonia Produced (mol) 0.71 

2.2 High-Temperature Electrolysis   

A microreactor-coupled high-temperature electrolysis process for hydrogen production has been 

modeled and optimized in previous work [9]. Similar to NGR, the system can be modified for ammonia 



 
 
75  

production by integrating a Haber-Bosch loop. A brief summary of the main steps in the HTE process is 

provided. 

In the HTE process, steam electrolysis is performed at temperatures of 650 ℃ to 1000 ℃, 

increasing the hydrogen yield relative to conventional electrolysis processes. The elevated temperature 

reduces the electrical energy requirements in the solid oxide electrolysis cells (SOECs) to separate hydrogen 

from steam [9]. The half-cell reactions are given by the following [24], 

Anode: 𝐻!𝑂(𝑔) + 2𝑒# → 𝐻!(𝑔) + 𝑂!#(𝑔), (4) 

Cathode: 𝑂!#(𝑔) → ½	𝑂!(𝑔) + 2	𝑒#. (5) 

A Haber-Bosch loop was integrated into the HTE process for the production of ammonia, as 

illustrated by the highlighted portions in Figure 3 which represent the modifications to the HTE system 

from the previous work [9]. 

 

Figure 3    Process flow diagram of the microreactor driven ammonia production system with hydrogen 
generation via the high temperature electrolysis (HTE) process described in the previous work [9]. The 
ammonia process integration components are highlighted by the dashed area and are identical to that in 
the NGR-based process with similar process heat recovery. 
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In Figure 3, purified water is combined with recirculated water and heated in a heat recuperator to 

produce steam for the SOEC reaction. A small amount of hydrogen, used to maintain reduction conditions 

during electrolysis, and air, used to safely remove oxygen, are also heated in the recuperator using recovered 

thermal energy from hot SOEC products and supplemental reactor heat input [9]. The reactants enter the 

SOECs to undergo electrolysis in three stages with the aim of balancing inefficient electrical heating with 

lower reaction voltages at higher temperatures [9]. SOEC 1 minimizes additional heating by reacting at the 

microreactor process temperature but at a high electrolysis voltage. Heat generated in the SOEC 1 reaction 

and heat recovered from hot products raises the temperature to that of SOEC 2 which reduces the 

electrolysis voltage. Additional electrical heating is performed to reach a temperature of 850 ℃ in SOEC 

3, where a thermoneutral reaction takes place. Previous optimizations of the multistage SOEC yielded a 

single stage operating at 850 ℃ as the most efficient system configuration [9]. 

After the SOECs, counter-current heat exchangers minimize electrical heating by heating the 

reactants with recovery heat as the electrolysis products are cooled. The products consist of a nitrogen-

oxygen mix and a hydrogen-steam mix due to incomplete conversion of the steam, shown as a single stream 

in Figure 3 for simplicity. 

Following the heat recuperator, the hydrogen is separated by first exhausting the nitrogen-oxygen 

mix and then separation of water via condensation. The hydrogen is then compressed to 150 bar [25] and 

reheated to the HB reactant temperature of 300 ℃ [29]. The HB loop is identical to that discussed for the 

NGR-based process where the excess thermal energy from the exothermic reaction is similarly recovered 

for heating the process reactants. 

A summary of the energy of the HTE and Haber-Bosch processes in Figure 3 is presented in Table 

2 with 1 mol of steam-hydrogen input mix [9]. In the analyzed process, no net reactor heat is required as 

excess heat is recovered from both the HB loop and hot SOEC products, which is simply wasted. This 

differs from hydrogen generated as an end product via HTE in the previous work where net reactor heat 
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was required due to the absence of recoverable heat from a HB process. The energy tally implies that the 

HTE system is not as good of a fit for the HB method of ammonia production as the NGR system, as the 

recovered thermal heat cannot be fully utilized due to HTE loop’s already low thermal requirements. The 

ammonia production rate of 9.44 g/s per MWth can be used to scale the production rate to the desired reactor 

size. 

 

Table 2    Thermodynamic summary of the energy used by the processes in Figure 3 assuming a 1 mol 
steam-hydrogen input into the cell and an SOEC reaction temperature of 850 °C. The processes are 
grouped by type as in Table 1.  

Process ΔH (kJ) Type Efficiency Process Energy (kJ) 
Water Purification 0.16 Electric 1 0.16 
Recycle Compression 1.12 Electric 0.5 2.25 
Inlet Air Compression 0.79 Electric 0.9 0.88 
Reactant Heating 74.0 Recovery + Heat 1 74.0 
SOEC 1 Power 0 Electric 1 0 
SOEC 1 Heat Recovery 0 Recovery 1 0 
SOEC 2 Power 0 Electric 1 0 
SOEC 2 Heat Recovery 0 Recovery 1 0 
SOEC 2 Reactant Heating 10.2 Recovery  1 10.2 
SOEC 3 Power 233 Electric 1 233 
SOEC 3 Reactant Heating 10.5 Recovery 1 10.5 
SOEC 3 Reaction Heat -33.8 Recovery 0.9 -30.5 
SOEC 3 to SOEC Heating -11.3 Recovery 0.9 -10.2 
Lumped Recovery -52.1 Recovery 0.9 -46.9 
H2 Compression 10.6 Electric 0.5 21.2 
Nitrogen PSA 8.49 Electric 1 8.49 
Nitrogen Compression 4.88 Electric 0.9 5.42 
HB Reactant Preheat 9.75 Recovery + Heat 1 9.75 
HB Reaction Heat Recovery -20.9 Recovery 0.9 -18.8 
HB Products Recovery -19.3 Recovery 0.9 -17.4 

Total Reactor Heat Required 83.79 
Recoverable Heat 103.05 

Net Reactor Heat Required 0.00 
Total Electricity Required  271.12 
Ammonia Produced (mol) 0.45 
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2. Economics of Microreactor-Driven Ammonia Production 

A method for economic analysis of microreactor-driven industrial processes has been developed in 

the previous work [9] and is applied in this study. Rather than assume a price on the energy supplied by the 

microreactor and evaluating the cost of producing the commodity of interest, this method utilizes the market 

pricing of the produced commodity to estimate the revenue produced by the microreactor system. Known 

capital costs such as the cost of the hydrogen and ammonia producing loops are subtracted to yield a 

bounding Achievable Principal Loan (APL) value for the microreactor. The APL represents the loan for the 

microreactor’s construction and operation that could be paid off with the revenue it generates. Estimates 

for the costs associated with a reactor between first- and nth-of-a-kind (BOAK) are presented in Table 3 

and can be used to determine the viability of a given configuration according to its APL. 

Table 3    Available cost estimate models for costs associated with a between first- and nth-of-a-kind 
(BOAK) microreactor [21]. 

BOAK Nominal Range 
Overnight Capital Cost [$/kWe] $8,000.00 [$5,500 - $10,000] 

Fixed O&M Cost [$/kWe-yr] $136 [$118 - $216] 
Fuel Cost [$/MWh] $11 [$10 - $12.10] 

Variable O&M [$/MWh] $2.60 [$2.20- $2.80] 

The APL is determined by inverting the amortization formula to produce the following relation, 

𝑃$ =
𝑀 × 𝑛 × D1 − F1 + 𝑟

𝑛H
#%&

I

𝑟
	,			 (6) 

where the M is the monthly payment in dollars, r is the interest rate over the selected period of years, n is 

the number of months within a year, t is the time in years, and P is the total principal loan [9]. Relations for 

the NGR plant cost [32] and HTE plant cost [33] as a function of the plant size have been developed, and a 

relation for Haber-Bosch plant cost was developed by constructing a characteristic function from values 

discussed by Bartels [34] in reviewing the economics of ammonia production. These relations are captured 

within the following, 
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𝑃𝑙𝑎𝑛𝑡	𝐶𝑜𝑠𝑡	𝐻𝑇𝐸	 O
$

𝑘𝑊'(
R = 	1.795 × (862.9	 × 	𝑘)#*.,*) + 570.7	 × 𝑘)#*.*,!), (7) 

𝑃𝑙𝑎𝑛𝑡	𝐶𝑜𝑠𝑡	𝑁𝐺𝑅	($𝑀) = 17.896 × 𝑠)*.-..", 𝑎𝑛𝑑	 (8) 

𝑃𝑙𝑎𝑛𝑡	𝐶𝑜𝑠𝑡	𝐴𝑚𝑚𝑜𝑛𝑖𝑎	($𝑀) = 2.8911 × 𝑠!*.-/00, (9) 

for the HTE, NGR, and Haber-Bosch systems, respectively. The parameters are the SOEC electrical power 

use 𝑘) in MWdc, the production rate of hydrogen 𝑠) in tonnes/day, and the production rate of ammonia 𝑠! 

in tonnes/day, in the ammonia loop [9]. The APL is the remaining portion of the principal loan once the 

known plant costs are subtracted. 

3.1 Method for Determining Achievable Principal Loan 

 A method for determining the APL was developed in the previous work for hydrogen production 

[9] and is modified in this work for ammonia production.  The APL depends on Eq. (6), which requires 

knowledge of the monthly payments, and the plant cost correlations in Eq. (7) to Eq. (9). The monthly 

payments are based on the theoretical gross margin (TGM), or ammonia spread, determined by subtracting 

the cost of reactant feedstock from the sale price of the produced product. This is determined separately for 

each plant and depends on natural gas and ammonia market pricing data.  

Ammonia sold prices from 2018-2023 were analyzed, with the lowest sold price of ammonia 

occurring in September 2020 at $432 per short ton or $0.48/kgNH3 and the highest sold price of ammonia 

occurring in June 2022 at $1636 per short ton or $1.80/kgNH3 [13]. Similarly for natural gas cost, the lowest 

and highest cost during this period were $0.0757/kgn and $0.409/kgn in June 2020 and August 2022 

respectively [14]. As with carbon capture in a previously considered NGR system for hydrogen production 

[9], carbon capture would allow the NGR system to benefit from a tax credit of $85 per million tonnes of 

CO2 for the first 12 years of operation [35, 36]. The low and high ammonia spread for the HTE and NGR 

is then generated by subtracting the price of the natural gas feed (if applicable) from the ammonia sale price. 

The NGR spread is modified by adding the tax credit based on the amount of CO2 produced per kilogram 

of ammonia. These values are presented in Table 4. 



 
 
80  

The price of ammonia is inherently reliant on the price of natural gas, as is evident by the fact that 

the extremes in pricing of each commodity from 2018-2023 occur around the same time. Therefore, the 

range for the spread is determined by evaluating the ammonia spread at each data point in this six-year span 

and selecting the maximum and minimum spreads. This results in a more realistic range than simply using 

the maximum ammonia price and minimum natural gas price for the maximum spread, and vice versa for 

the minimum spread.  

 

Table 4    Range of ammonia spreads for each production method using historical sale prices of ammonia 
and natural gas [13, 14]. The carbon capture tax credit is included for the NGR. 

Production Method Nominal Ammonia Spread ($/kgNH3) Range ($/kgNH3) 
High-Temperature Electrolysis 1.14 [0.48 – 1.80] 

Natural Gas Reforming 1.44 [0.81 – 2.07] 

The NGR spread needs to be modified from Table 4 if the plant lifetime is longer than 12 years to 

account for the expiration of the tax credit, which amounts to a decrease of $0.47/kgNH3. This is done by 

evaluating a representative average spread over the entire operating period for use in Eq. (6) as determined 

by the following relation, 

𝑀123 =
𝑀4534 × 𝑡4534 +𝑀678 × 𝑡678

𝑡 	 (10) 

where Mavg is the average monthly payment over the plant lifetime, Mhigh and Mlow are the spreads during 

the tax credit period and after the tax credit period, respectively, thigh and tlow are the corresponding years of 

operating in each period, and t is the total plant lifetime which is a sum of thigh and tlow [9]. 

The APL used to service the microreactor costs is evaluated by first determining the spreads using 

Table 4 and Eq. (10). These are used as M in Eq. (6) to determine the total principal loan for the range of 

considered combinations of operating periods and interest rates. The APL for the microreactor is then found 

by using Eq. (7) to Eq. (9) to determine the portion of the total principal loan devoted to known facility 
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costs. For comparison across different microreactor sizes, the APLs are normalized by the microreactor 

capacity [9]. 

3.2 Economic Simulation of Industrial Ammonia Production Methods 

Economic simulation was done in a similar manner to that performed in the previous work for 

hydrogen production [9]. Accordingly, the proposed system layouts were studied for interest rates from 1% 

to 4%, for microreactors between 1 and 20 MWth, and for operating periods from 7 to 25 years. Similar to 

the results for hydrogen production, a microreactor capacity of at least 10 MWth was required to produce 

reasonable APL values. The principal loans for microreactors from 10 to 20 MWth at varying interest rates 

are presented in Figure 4, where the APL can be interpreted as the maximum project cost for the system to 

break even in the given amount of time. 
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Figure 4    Achievable principal loans for various sizes of microreactor integrated HTE (left) and NGR 
(right) systems for multiple interest rates. The range of estimates is represented by the shaded region 
with a dashed line indicating the nominal values. The APLs are valid for ± 1.5 MWth relative to the 
considered microreactor size due to small effects from the cost of scale [9]. 

In Figure 4, the average APL denoted by the dashed line is the APL if the nominal ammonia spread 

is used, while the shaded region denotes the variation of the spread due to the variation in the commodity 

pricing. The APL represents the portion of the principal loan that is devoted to both the overnight capital 

cost of the microreactor and the operations of the microreactor throughout its operating life and is indicative 
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of the break-even period for various interest rates. The costs that are serviced by the APL must be lower 

than the APL to provide a return on investment for a chosen operating period [9]. 

For example, if the loan interest is 1% with a 20-year operating period for a 10 MWth microreactor 

coupled to an NGR-based ammonia plant, the microreactor costs must be below $17.5M/MWth as indicated 

on Figure 4. If the maximum value of the spread is used, this same APL can be produced at a 12.5 operating 

period instead. 

The trends in Figure 4 observed for ammonia production are similar to those observed for hydrogen 

production in previous work [9] but with larger APLs due to ammonia being a higher value product. HTE 

produces less ammonia than the NGR and, as a result, has less variation in the APLs. The HTE APLs do 

not change significantly with microreactor size while the NGR benefits greatly from economies of scale. 

The HTE system has a lower investment cost than the NGR system which translates to higher APLs for 

HTE as compared with NGR for short operating periods and smaller microreactor sizes, just as in hydrogen 

production [9]. For both systems, an increase in microreactor size has a positive effect, with more capital 

per unit of reactor energy available to break even on the project. The NGR offers the best option for the 

most ammonia production out of a given microreactor size which results in the larger APL, while the HTE 

produces fully carbon-free ammonia due to the lack of reliance on the natural gas feedstock, unlike in the 

NGR process. 
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Figure 5    APLs for the NGR and HTE compared for the 10 MWth cases (left) and the 20 MWth cases 
(right) at 1% (top) and 4% (bottom) interest rates. 

Figure 5 presents a comparison between the HTE and NGR APLs across microreactor sizes and 

interest rates, exhibiting similar system behavior as previously observed for microreactor-based hydrogen 

production [9]. Larger ammonia producing facilities produce a noticeable increase in the NGR APLs 

without a noticeable effect on the HTE APLs. Increasing the interest rate decreases the NGR APL more 

significantly than for HTE since the NGR system has a higher investment cost. At 10 MWth and 1% interest 

rates, the intersection of the dashed lines indicate 7.5 years of operation as the crossover after which NGR 

is more competitive than HTE. This moves to under 7 years when a 20 MWth microreactor is used. As the 

interest rate increases the intersection moves rightwards and longer operating periods are required for NGR 

to be more competitive. Higher interest rates and lower capacities increase the competitiveness of HTE at 

the nominal spreads, but NGR is more competitive for any period over 7.5 years when the maximum 

ammonia spread is considered due to the higher production rate of ammonia. 
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Table 5 shows the nominal APLs for the HTE and NGR systems, respectively, for various 

microreactor sizes and operating periods and using a 1% interest rate. Similar to previous work on hydrogen 

production [9], the HTE APL scales negligibly with plant size, as opposed to the NGR APL which benefits 

noticeably from increase microreactor size. The NGR system has a greater range of APLs over the 7-to-25 

years operating period, which shows that the system is unable to recuperate its high cost as well as the 

lower-cost HTE system at shorter periods of operation but is able to do so rapidly at longer operating periods 

due to the high production rates. This causes the NGR to have great economic potential for longer operating 

periods. 

Table 5    APLs at the nominal ammonia spread for the selected methods across different microreactor 
capacities and operating periods and at 1% interest rate. 

System Microreactor Size 
(MWth) 

APL at 7 years 
($M/MWth) 

APL at 15 years 
($M/MWth) 

APL at 25 years 
($M/MWth) 

HTE 
10 0.62 3.05 5.83 
15 0.82 3.25 6.03 
20 0.95 3.38 6.16 

NGR 
10 0.14 11.7 22.1 
15 1.66 13.3 23.6 
20 2.62 14.2 24.6 

 To determine the feasibility of industrial ammonia microreactor systems, available cost estimate 

models [21] were compared against the APL estimates for 20 MWth arrangements in Figure 6. The largest 

studied capacity was selected since it achieved the largest APL for each respective system. Using a 1% 

interest rate, the NGR plant generated an APL capable of covering the cost of a microreactor at around 7.5 

years of operation, while the HTE required 17.5 years. Increasing the interest rate to 4% caused the NGR 

to take 8.5 years and the HTE to require spreads above the nominal value to provide a return on investment 

in 25 years. 



 
 
86  

 
Figure 6    Available cost estimate models for a BOAK microreactor [21] and generated APLs for 
interest rates of 1% (left) and 4% (right). 

The results in Figure 6 rely heavily on the current ammonia spread, with the upper boundary being 

dictated by the recent jump in prices. If prices were to trend back to their relatively stable pre-2021 values, 

the ammonia spread would be reduced and the breakeven point would shift rightwards in accordance with 

the decreased APLs. The ammonia spread for these pre-2021 price levels is close to that represented by the 

lower boundary for both systems. At a 1% interest rate, the breakeven point for the NGR-coupled system 

would be around 17 years, which is significantly shorter than the expected lifetime of the microreactor and 

associated ammonia production facilities, while the HTE system would take significantly longer than 25 

years to break even. At a 4% interest rate, it is unlikely that either system could break even at these lower 

APLs as indicated by the slope of the lower boundary being essentially the same or less than that of the 

estimated reactor costs. 

Additional costs associated with the practical construction of an integrated ammonia production 

facility are likely to exist, such as those related to grid interconnection for auxiliary power. Additionally, a 

practical system would likely need to not only provide a return on investment but also make a profit. Such 

considerations are outside the scope of this work. Nonetheless, the NGR’s breakeven point occurring earlier 

than the expected lifetime of the facility makes the system promising even in light of these considerations.  

3.3 Comparison to non-nuclear ammonia production 

 To better understand the coupling of a nuclear microreactor to an ammonia producing cycle, the 

systems studied in this work are compared with comparable non-nuclear ammonia production methods, 



 
 
87  

specifically with regard to the cost of production. The microreactor-NGR system represents the state-of-

the-art fossil-fueled ammonia production method through steam methane reforming. The NGR based 

microreactor system in this study has a specific energy requirement of 25.0 GJ/tonneNH3 and emits 

negligible CO2 due to the included carbon capture. The best available technology of fossil-fueled NGR with 

carbon capture requires 33.0 GJ/tonneNH3 and emits 0.4 tonneCO2/tonneNH3, while fossil-fueled NGR without 

carbon capture requires 26.0 GJ/tonneNH3 and emits 1.6 tonneCO2/tonneNH3 [29]. Due to the extensive thermal 

energy recovery in the proposed system, the microreactor-NGR coupled system achieves lower energy 

requirements with lower CO2 emissions. Using a 25-year operating period and 20 MWth system, the 

microreactor-NGR pairing has a production cost of $456/tonneNH3 (including the nuclear microreactor cost), 

while estimates of fossil-fueled NGR ammonia production costs are about $220-450/tonneNH3 and $300-

530/tonneNH3 when carbon capture is considered [37]. Using the nominal cost estimate, this means that the 

microreactor-NGR pairing costs $121 more per tonne of NH3 than fossil-fueled NGR and $41 more per 

tonne when considering carbon capture. Using the CO2 emissions of each process, a carbon price can be 

determined at which the microreactor-NGR pairing becomes competitive with the fossil-fueled alternatives. 

To be competitive with the fossil-fueled NGR, the carbon tax needs to exceed $75.6/tonneCO2, while a value 

of $102.5/tonneCO2 is needed to compete with fossil-fueled NGR with carbon capture. 

 The comparable system to the microreactor-HTE coupling is a state-of-the-art green ammonia 

system using renewable electricity and solid oxide electrolysis cells. In such a system the lack of a high 

temperature heat source such as a nuclear microreactor requires electrical heating to reach the process 

temperatures required by the SOECs. The specific energy requirement of the HTE system in this work is 

35.3 GJ/tonneNH3 as compared with 30.0 GJ/tonneNH3 for the renewable electricity driven system optimized 

for efficiency and 30.5 GJ/tonneNH3 when optimized for production cost [22]. This is likely due to the large 

amount of wasted thermal recovery energy in the microreactor-HTE pairing and suggests that there are 

further optimizations to be made in the HTE loop to allow for increased thermal energy requirements and 

decreased electrical energy requirements. The cost of production of these two systems can be compared by 
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using 25-year operating periods and the nominal reactor cost for the 20 MWth microreactor-HTE system 

from the available estimate [21]. For the microreactor-HTE pairing, the cost of production is $815/tonneNH3 

(including the nuclear microreactor cost) as compared to $666/tonneNH3 for the renewable electricity system 

operating at maximum efficiency or $544/tonneNH3 for a renewable electricity system optimized to reduce 

production cost at the expense of efficiency [22]. Meanwhile, other studies on solar photovoltaic and wind-

powered ammonia production estimate a production cost of $835-926/tonneNH3 [17]. 

3.4 Effect of microreactor process heat temperature 

The selected microreactor was assumed to have a process heat temperature of 560 ℃ as this value 

aligns with the process heat temperature from some proposed microreactor designs, as well as being 

approximately equal to the temperature of the secondary loop of historic and proposed high temperature 

gas cooled reactors (HTGRs) – a nuclear reactor technology whose high temperature enables its integration 

with industrial processes [38]. However, the HTGR core and primary loop can reach temperatures of up to 

950 ℃ and if process heat could be delivered at these temperatures, it would result in more efficient systems 

with higher outputs. To investigate the effect that the process heat temperature has on the results of this 

study, the nominal APLs for a 20 MWth microreactor operating for 25 years were calculated for the two 

methods across various process heat temperatures and are presented in Figure 7 for the NGR system. For 

the HTE system, an increase in reactor process heat temperature has no effect on the APLs as the system 

optimized for 560 ℃ already operates at the maximum cell reaction temperature of 850 ℃ such that a 

higher process heat temperature does not enable the reaction to occur at higher temperatures as it does for 

the NGR. Furthermore, since there is sufficient unused recoverable heat, electrical heating is not necessary 

in this system and the potential benefit to the process by being able to heat the reactants to higher 

temperatures are not utilized. 
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Figure 7    Variation of NGR APLs with microreactor process temperature at various interest rates. 

 Increasing the process heat temperature for the NGR system allows the reactions between steam 

and methane to occur at higher temperatures and proceed further towards completion. However, increasing 

the process heat temperature beyond 750 ℃ does not significantly increase the APL as the reaction is 

already proceeding to almost completion by this temperature, and when increased to 950 ℃ the APL 

decreased slightly due to the greater amount of thermal energy required to heat the reactants to such 

temperatures while yielding a negligible increase in the hydrogen output. 

3. Conclusions 

In this work, a method to estimate the economic performance of nuclear microreactor-driven ammonia 

production processes was developed. The production of hydrogen via Natural Gas Reforming (NGR) with 

carbon-capture, and High-Temperature Electrolysis (HTE) driven by a technology agnostic microreactor 

with a process heat temperature of 560 °C was analyzed thermodynamically to determine the specific (per 

unit MWth) production rates and resource consumption associated with these processes. The generated 

hydrogen was fed into a Haber-Bosch process to generate ammonia and the overall specific ammonia 

production rates and resource consumption were determined in a similar approach. Using the results of the 

thermodynamic analysis, the potential economic performance of ammonia production via a nuclear 
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microreactor was estimated by determining the theoretical gross margin (TGM) range associated with the 

production of ammonia (i.e., ammonia spread) via the NGR- and HTE-coupled processes, determining the 

net monthly revenue range, and calculating the Achievable Principal Loan (APL) amount under the various 

ammonia spreads and interest rates. The APL represents the greatest amount of loan principal that can be 

serviced by the net monthly revenue and was determined by an inverse of the amortization formula. The 

average APL associated with a 20 MWth nuclear microreactor under 1% interest rate exceeded the estimated 

cost of a between first-of-a-kind and nth-of-a-kind (BOAK) nuclear microreactor after 7.5 years and 17.5 

years for NGR-coupled and HTE-coupled ammonia systems, respectively. At 4% interest rate, the 

NGR-coupled ammonia production system required only an additional year while the HTE-coupled system 

was unable to exceed the estimated nuclear microreactor cost in 25 years, indicating the greater economic 

feasibility of the NGR-coupled process under higher interest rate environments. While the results in this 

study were influenced by the recent jump in ammonia prices, the breakeven point associated with pre-2021 

price levels for the NGR-coupled system would still only be 17 years. This indicated that ammonia 

production using a nuclear microreactor-driven NGR-coupled system would be economically feasible for 

a BOAK reactor. The two proposed systems were compared to their non-nuclear equivalent ammonia 

production method and it was found that the NGR required less energy per tonne than state-of-the-art fossil 

fueled systems but required a carbon tax of $75.6/tonneCO2 to be competitive; this increased to 

$102.5/tonneCO2 when comparing with systems equipped with carbon capture. The HTE based system was 

found to require significantly more energy to produce ammonia than comparable renewable solutions but 

the competitiveness in production cost was highly dependent on the assumptions about renewable electricity 

cost, which depended on location and the installed infrastructure. It was also determined that if higher 

temperature process heat from the reactor is available, the NGR based system would see a noticeable 

increase in its APLs, but that of the HTE based system would not be significantly changed. 
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